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Abstract 
In this work, the hydrothermal synthesis of ZSM-5 and its coating with 
controllable crystal size and Si/Al ratio has been performed. The obtained 
catalysts have been studied in the methanol to hydrocarbon (MTH) reaction. 
This reaction is the last step in an integrated fuel processor for the 
conversion of bio resources to liquid fuels. The development of ZSM-5 
coatings has been supported by advanced characterization and testing of 
catalysts for the determination of property/performance relationships. An 
optimal synthesis time of 72 h was found to provide the highest crystallinity 
of ZSM-5 coatings. The larger crystal size of ZSM-5 coatings leads to a 
higher selectivity towards gasoline (C8-11) hydrocarbons. The selectivity 
towards the gasoline fraction over ZSM-5 coatings with a thickness of 14 
µm was similar to that of an industrial ZSM-5 catalyst, however the yield of 
the undesirable aromatics by-products was reduced by half due to shorter 
diffusion pathways in thin catalyst layers.  
In an attempt to improve the yield of the C8-11 hydrocarbons, two post-
synthesis modifications have been performed: Ca ion-exchange and 
desilication by alkaline treatment. The maximum gasoline selectivity over 
Ca-H-ZSM-5 was observed at a Ca/H ratio of 0.1 while the longest lifetime 
in the reaction was observed at the ratio of 0.2. Mesoporosity has been 
introduced into microporous ZSM-5 catalysts. The obtained meso-
microporous ZSM-5 coating show 3 times lifetime and 2.7 times selectivity 
towards C8-11 hydrocarbon fraction than microporous coating in the MTH 
reaction.  
Lumped kinetics of MTH reaction over H-ZSM-5 were used to design a 
microstructured reactor/heat-exchanger (MRHE) with reaction channels 
coated with the ZSM-5 catalyst. 2D and 3D convection and conduction heat 
transfer models coupled with the MTH reaction kinetics were employed to 
investigate temperature distribution in the MRHE. The effect of the 
dimension of the microreactor/ heat-exchanger and flow condition on the 
temperature field has been studied. The 2D model under-predicts the 
XVII 
 
magnitude of temperature gradient. The optimised reactor configuration 
shows a temperature gradient of 21 K in the reaction channels.  
XVIII 
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Chapter 1                                                       
Introduction 
Raising concerns for the environment and diminishing oil reserves since 
the first global energy crisis in the early 1970s drew much attention on the 
necessity of the alternatives to fuels derived from oil. Due to increasing 
demand, all forms of energy supply should be taken into account in not so 
recent future, including solar, wind, biomass, etc. [1]. Future sustainable 
and low-carbon energy and chemistry largely depend on the development 
of new innovative solutions to enable an effective and direct use of 
renewable energy for the conversion of small molecules such as methanol 
to liquid fuels. 
As one of the main alternative energy carriers, methanol is a building block 
in the chemical industry. Methanol is currently produced from fossil-based 
(natural gas and coal) syngas  [2] but it can also be produced from various 
other routes (Scheme 1.1). The partial oxidation of methane to methanol 
has always been problematic in research for many years because oxidation 
products (methanol, formaldehyde and formic acid) are more reactive in 
oxidation than methane itself [2]. Instead, methanol can be produced from 
wind or solar powder via formation of hydrogen from electrolysis of water 
followed methanol synthesis by hydrogenation of CO2 [3]. Thus the 
chemical energy of hydrogen can be stored in methanol, which is much 
easier to store and transport. Therefore, methanol to hydrocarbon process 
has received renewed interest as it could become economically feasible 
[4]. 
Process and energy intensification are the challenge for the transition to 
future sustainable and low-carbon industrial chemical production. 
Innovation is required for large-scale processes regarding energy intensive 
and multiple process steps, as methanol conversion to olefins and the 
development of new sustainable paths for CO2 reuse. 
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Methanol can be directly used as fuel either in a combustion engine or by 
employing a ‘direct methanol fuel cell’ (DMFC) [5] but it can also be 
converted to fuel grade hydrocarbons through Mobil’s methanol to 
hydrocarbon (MTH) process. Synthetic gasoline from this process is 
identical to petrochemical gasoline. Therefore no new type of engine and 
vehicle are necessary.  
The research described in this thesis was part of a project funded by the 
European Commission as part of the 7th Framework Programme for 
Research and Development under the acronym BIOGO-for-Production. 
The project objective was to design a miniaturized integrated reactor for 
the conversion of methanol to liquid hydrocarbons with enhanced amount 
of gasoline (C8-11) fraction and reduced amount of aromatics. The reactor 
should be small, light-weight, and energy efficient. A procedure to deposit 
thin zeolite layers has to be adopted and the coatings obtained were 
characterised by various physico-chemical methods. The results of the 
BIOGO project are described in this thesis. 
Scope and layout of the thesis 
Despite the recent development in advanced microreactor design and 
fabrication, the reactor performance is often limited by the activity of the 
state-of-the-art catalysts. To fully exploit the benefits of catalytic 
microreactors, and to increase the drive towards their applications in MTH 
processes as a superior alternative to conventional reactor systems, a 
strong focus is required towards the development and optimisation of 
 
Scheme 1.1. Main routes for the production of methanol [1] 
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highly active catalytic coatings. However, the development of novel 
catalytic coatings is often an empirical process, which is based on known 
catalyst performance in similar relations. Therefore, fast testing of libraries 
of coatings is required at realistic process conditions to speed up this 
development and optimisation trajectories. 
In Chapter 2, a literature review is presented which provides recent 
developments in the MTH process, including reaction mechanisms, optimal 
catalysts and reaction conditions. The synthesis of ZSM-5 catalysts and 
post-synthesis modifications are reviewed. The application of 
microstructured reactors and numerical solution methods for their design 
is described. Chapter 3 describes equipment using in catalytic tests and 
respective experimental procedures. It also covers catalyst synthesis 
procedures and characterisation methods. Chapter 4 describes the 
synthesis of microporous H-ZSM-5 coatings and the effects of different 
synthesis parameters (Si/Al ratio, H2O/Si ratio, synthesis time) on the 
morphology and catalytic properties of the catalysts obtained. The 
performance of ZSM-5 coatings is compared to that of ZSM-5 pellets and 
industrial ZSM-5 catalysts. Chapter 5 describes the effect of two post-
synthesis modifications: ion-exchange with metal salt solutions and 
desilication with alkali treatment, on physical properties and catalytic 
activity of the catalysts. Hierarchical (micro- mesoporous) ZSM-5 coatings 
have a better performance in terms of product distribution and deactivation 
behaviour. The design of a microstructured reactor/heat-exchanger 
(MRHE) using a convection and conduction heat transfer model is 
presented in Chapter 6. Micro heat exchangers differ from larger-scale heat 
exchangers, as axial conduction of heat through the solid material 
becomes more important, while convective heat transfer becomes less 
important. Therefore, in this chapter we do not solely address practical 
issues like reactor performance, start-up time, and heat recovery 
possibilities, but we also present a modelling study of the heat transfer in 
the micro heat exchangers. A parametric study describing the effect of 
different design parameters (channel length and diameter, plate thickness, 
coating thickness, cooling flow rate) is initially performed using a 2D model 
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with the goal to reduce the temperature gradient in the catalytic coating. 
Then the optimal 2D design is verified using a 3D reactor model which 
resembles the actual reactor geometry and accurately describes 
hydrodynamics and heat transfer in the reactor. The purpose of this work 
is also to study the heat transfer behaviour of micro heat exchangers and 
the effect of integrating several heat exchangers in a single device in terms 
of start-up time and mechanical design. In Chapter 7, main conclusions 
from the thesis are summarised and suggestions for future work are given. 
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Chapter 2                                                             
Literature review 
In the 1970s, two teams of Mobil scientists who were working on 
methylated isobutene to improve the octane number of gasoline 
accidentally discovered the formation of diverse hydrocarbons over ZSM-
5 zeolite. Later on, several types of other zeolites were synthesised and 
the product range was extended to other fuels. The respective processes 
were called methanol-to-gasoline (MTG), methanol-to-olefins (MTO), and 
methanol to hydrocarbons (MTH) process since then. 
The first and second oil crises between 1973 and 1978 were the driving 
force for commercialising the MTG process. As the oil price was increasing, 
looking for other feed stocks such as natural gas, biomass or coal was 
crucial which could be converted via different pathways to fuel (gasoline 
and diesel), olefins and other hydrocarbon products. The Methanol-To-
Hydrocarbons (MTH) reaction is an important step to produce a range of 
hydrocarbons such as fuel and olefins from various carbon sources. 
Various range of hydrocarbons can be obtained as the final products using 
different zeolite topologies and reaction conditions. 
2.1 Zeolite catalysts 
A zeolite possesses a well-defined crystalline structure in which [SiO4] 4- 
and [AlO4] 5- tetrahedral units are connected by sharing all oxygen atoms. 
The activity and selectivity over zeolites in the catalysis are often governed 
by two key factor: porous structure and site acidity.  
2.1.1 Porous structure 
Also called as ‘molecular sieve’, the zeolite has 1D, 2D or 3D framework 
that consists of nanometre sized micropores and cages, giving a high 
porosity and a large specific surface area to the material. Zeolites are 
classified according to different topologies (channels and cavities 
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dimensions and interconnections), compositions (concentration and 
distribution of acidic sites) and morphologies (crystal dimensions, micro- 
and mesoporosity).  
MFI is one of the most investigated framework type of zeolite for MTH 
reaction [6]. ZSM-5 is a typical zeolite that belongs to this framework type. 
The MFI structure can be described as an assembly of pentasil five-ring 
chains which are linked to each other by oxygen bridges and form an 
assembly unit (Figure 2.2a) [7,8]. These units connect via edges to form 
chain structure (Figure 2.2b). Extending this chain structure in both x- and 
y-directions, these five-rings create straight ten-ring channels (5.3 Å × 5.6 
Å) parallel to the [010] direction and sinusoidal ten-ring channels (5.1 Å 
 
Figure 2.2. Illustration of channel system in H-ZSM-5 [255] 
 
Figure 2.1. a) Assembly unit by five-rings. b) T-T linkage scheme of a pentasil 
chain [7,10] 
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×5.5 Å) parallel to the [100] direction [8,9] (Figure 2.2). This particular 
structure is described as interconnected tubes with intersections between 
orthogonal channels which create larger volume and thus, gives ZSM-5 
distinct differences from other zeolite regarding to shape selectivity [10]. 
For example, ZSM-5 (MFI topology) and SAPO-34 zeotype (CHA topology) 
are the only two catalysts applied at industrial scale. SAPO-34 consists of 
much larger cavities with narrow connecting pores [13]. The highest 
selectivity to light olefins (ethylene and propene) was observed over H-
SAPO-34 catalysts. On the contrary, monocyclic aromatics was formed 
over H-ZSM-5 catalysts as a by-product of light olefins [6,11,12]. This can 
be explained by shape selectivity in the SAPO-34 narrow pores in 
comparison to the medium pores of ZSM-5 [20]. However, the H-ZSM-5 
catalyst has a much longer lifetime than SAPO-34 [13].  
2.1.2 Acidity 
In zeolite materials, two different acid sites are formed, Lewis and Brønsted 
sites [13]. Typically, if a proton is used as a charge balancing species in 
the framework, Brønsted acid sites will be formed. The Lewis sites are the 
electron pair acceptors and can interact with basic molecules by hydrogen 
bonding. The Lewis sites are more available in zeolites with very high Al 
contents or in materials that have had a background of thermal/steam 
treatments [14]. Cationic extra-framework species, such as AlO+ and 
Al(OH)2+, could as act as Lewis acid sites displaying weak acidity (Scheme 
2.1) [15]. 
The acid density and acid strength determine catalytic activity of zeolites. 
The acid density of zeolites refers to the number of acid sites that is ideally 
equal to the number of substituted Si atoms by Al atoms in the lattice. 
 
Scheme 2.1. Common representation of Brønsted (left) and Lewis acid site 
(right) in zeolites [15]. 
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Therefore the Si/Al ratio is reversely proportional to the acid density. The 
acid strength is described as the intrinsic property of zeolite shown in 
presence of basic molecules. The main factor which determines the acid 
strength is the overall chemical composition of the framework structure, 
however some other parameters such as the exchanged metal cations and 
topology of the framework effects are also of importance [16].  
In case of presenting Al in the framework structure, in order to balance the 
total charge, an extra-framework cation (i.e. K+, Na+) or proton located in 
pore space may be exerted. The cations can be exchanged due to the high 
mobility and this property gives rise to the use of zeolites as the acid-base 
catalyst and ion-exchanged material. 
There are various methods to identify the acid site strength as well as the 
density of acid sites. Among them, the elemental composition of the zeolite 
is a common way to determine the acid density. However this method does 
not distinguish the framework and extra-framework sites and does not take 
into account the accessibility of the sites for test molecules [17]. 
By choosing proper characterisation techniques, it is also possible to 
distinguish between Lewis and Brønsted sites. Fourier transform infrared 
spectroscopy (FTIR) is used to identify the types of acid sites. In FTIR 
spectra, weak acid sites encompassing Lewis acid site and hydrogen-
bonded sites could be observed at 2300 cm-1 while strong sites including 
Brønsted acid sites and Si-OH bond could be observed around 3610 cm-1 
and 3740 cm-1 respectively. A study focusing on how the acidity of ZSM-5 
effects reaction rate was carried out by Alharbi et al. They observed 
maximum turnover rate and methanol conversion over ZSM-5 with a high 
content of Al. They also reported that turnover rate of methanol dehydration 
over ZSM-5 is primarily determined by the strength of catalysts acid sites, 
regardless of the pore structure [18].  
The characterisation of acidity could also be carried out by probe molecule 
(pyridine or ammonia) temperature programmed desorption (TPD) where 
probe molecules adsorb on strong acid sties as cations while its adsorption 
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on the weak sites occurs via a hydrogen-coordinated bond. The ratio of 
measured strong acidity over theoretical acidity was reported to be close 
to 1 for ZSM-5 with high Si/Al ratio, however lower for samples with 
increasing Al content [13, 14]. After desorption of probe molecules, the 
disappearance of weak acid sites was reported by several groups and that 
strong acidity remained [21–23]. The more emphasis in catalytic process 
has been on Brønsted than Lewis acid sites as it was shown a linear 
relationship between the concentrations of protonated tetrahedral 
aluminium in SiO2 framework and the catalytic activity of zeolite materials 
(Figure 2.3) [24].  
 
 
Figure 2.3. The activity of H-ZSM-5 plotted against the tetrahedral Al NMR 
signal (Activity value of 1 corresponds to the activity of amorphous silica-
alumina catalyst) [24] 
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2.2 Reaction mechanism 
2.2.1. Oxonium ylide mechanism 
The oxonium ylide mechanism proposed by Van den Berg et al. [25] has 
received intensive attention. As shown in Scheme 2.2, after dehydration 
from two methanol molecules, a DME molecule interacts with a Brønsted 
acid site provided by the catalyst to form a dimethyl oxonium ion which 
further reacts with a methanol molecule to form a trimethyl oxonium ion. It 
is then deprotonated by a basic site to form a dimethyl oxonium methyl 
ylide. In the next step, the first C-C bond is formed either by Stevens 
rearrangement [26] or methylation step [27] leading to either a methylethyl 
ether or an ethyldimethyle oxonium ion respectively. Both intermediates 
then go through beta-elimination and produce ethylene [26].  
However, Olah suggested that, instead of Stevens rearrangement, the first 
C-C bond is a result of bimolecular methylation of trimethyl oxonium ion 
[26] (Scheme 2.2). In order to prove the existence of oxonium ylide, direct 
synthesis of ylide via different approaches have been performed by Olah 
et al. By using 13C and 2H labelled compounds, the product isotope 
distributions appeared to rule out Stevens rearrangement [26].  
 
Scheme 2.2. Oxonium ylide mechanism [26] 
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2.2.2 Carbene mechanism 
The carbine mechanism proposed by Swabb and Gates [28] involves the 
interaction of both acid and basic sites in zeolite (Scheme 2.3). A methanol 
molecule is alpha-eliminated to form water and carbene. Either by 
polymethylation or concurrent sp3 insertion into methanol of DME molecule, 
the initial C-C bond is formed [26,29,30]. Evidence in favour of the carbene 
mechanism for the MTH reaction over ZSM-5 catalysts was reported by 
several groups [26,31]. These authors used 13C methanol and other 
isotope techniques.  
2.2.3 Hydrocarbon pool mechanism 
A consecutive mechanism was suggested by Dahl and Kolboe [32,33] 
where one carbon from methanol adds up during each step. Due to a 
narrow range of products, the mechanism was initially studied by feeding 
13C methanol over a SAPO-34 catalyst rather than over ZSM-5. The 
hydrocarbon-pool stands for (CH2)n adsorbates containing less hydrogen 
than indicated [33]. Later from experimental outcomes obtained in several 
 
Scheme 2.4. Hydrocarbon pool mechanism [32] 
 
Scheme 2.3. The carbene mechanism [26] 
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studies, authors believe that the MTH reaction over H-ZSM-5 undergoes 
continuous adding up and splitting off reactants and products (Scheme 2.4) 
[26,34,35].  
Clearly, the detailed mechanism might vary with various pore structures, 
so a re-examination of the detailed mechanism of MTH over H-ZSM-5 was 
undertaken in 2006 [36]. It was concluded that the aromatics-based 
hydrocarbon-pool mechanism, rather than cracking from high alkenes, was 
the main source of hydrocarbon production. This brought the suggestion of 
two simultaneous mechanism cycles running in the MTH reaction over H-
ZSM-5. The dual-cycle mechanism (Scheme 2.5) demonstrating both the 
aromatic cycle including ethene formation form lower methylbenzenes, and 
the alkene cycle which consists of methylation/ cracking involving only C3+ 
alkenes [37]. It was also claimed that a completely independent operation 
of the aromatic cycle is not possible in the MTH reaction since aromatics 
 
Scheme 2.6. Carbonylation of methanol to yield the first carbon-carbon 
bond. Enthalpy changes are shown in red. Energy barrier in orange. 
Reproduced from [38]. 
 
Scheme 2.5. Dual-cycle hydrocarbon-pool mechanism for MTH over H-ZSM-
5 catalyst [6] 
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are constantly formed by aromatisation of higher alkenes. However, by 
choosing a catalyst of particular topology or tuning the reaction conditions, 
one can suppress any of the cycles to control the selectivity of products [6].  
Recently, Liu et al. [38] reported that acetic acid and methyl acetate 
represent the first intermediates containing C-C bonds. The authors 
proposed that the C-C bond is formed via CO carbonylation of methoxy 
groups adsorbed on the acid sites. The reaction happens between the 
electrophilic carbon atom present in methanol, DME and formaldehyde and 
the nucleophilic carbon atom of CO. The carbonylation forms an acetyl 
group on the surface of the catalyst. Then, it can dissociate to form acetic 
acid (HOAc) and methyl acetate (MeOAc), as schematically shown in 
Scheme 2.6 MeOAc and HOAc. The surface acetyl groups on H-ZSM-5 
were observed via in-situ IR spectroscopy [38]. These were primary 
products, followed by the formation of olefins. An activation energy of 80 
kJ∙mol-1 was estimated for the carbonylation step [38], in line with a 
previous theoretical study on carbonylation of methanol and DME on 
Mordenite, where the activation energy was estimated in 84 kJ∙mol-1 [39]. 
Chowdhury et al. [40] used NMR, UV/Vis diffusive reflectance and mass 
spectrometry to investigate the reaction mechanisms over a H-SAPO-34 
catalyst. They also identified surface acetate, methyl acetate and 
dimethoxymethane (DMM, CH3OCH2OCH3) as the initial intermediates 
with C-C bonds and proposed a plausible mechanism for the formation of 
the first C-C bond (Scheme 2.7). 
The reaction may proceed as follows: first, methylation of a Brønsted acid 
site (ZeOH) forms a surface methoxy species (SMS) that interact with 
another methanol or DME molecule. Then, the formation of the first C-C 
occurs by an insertion reaction from SMS to the methanol/DME molecule 
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(Path a). Direct interaction of the SMS with methanol is also possible (Path 
b), as proposed by Blaszkowski and van Santen [41]. Alternatively, 
carbonylation of the SMS can take place to form the first C-C bond, and 
further reaction with methanol results in MeOAc, supporting the results 
presented by Liu et al [38]. 
Once the first C-C bonds are formed, a hydrocarbon pool develops in the 
cages of the zeolites, which is methylated to yield polymethylbenzenes, as 
shown by the dual cycle mechanism, presented in Scheme 2.7. 
 
2.2.4 Kinetic model 
The first step of MTH reaction is the dehydration of methanol. 
2𝐶𝐻3𝑂𝐻↔ 𝐶𝐻3𝑂𝐶𝐻3 +𝐻2𝑂       
Fan and co-workers carried out a theoretical study that identified different 
intermediates related to the first C–C bond formed during the initial 
induction period formaldehyde (CH2O) and methoxymethyl (CH3OCH2+) 
from methanol and DME, respectively [42]. Under steady-state conditions, 
 
Scheme 2.7. Schematic diagram of a plausible mechanism for first carbon-
carbon bond formation. Reproduced from [40]. 
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DME has been identified as a faster alkene and arene methylation agent 
than methanol over H-ZSM-5 [43]. This is in line with the observations that, 
with a H-ZSM-5 catalyst, DME is converted faster to hydrocarbons than 
methanol, and that addition of methanol or H2O to a DME feed results in a 
lower initial activity of the catalyst [44,45]. 
Many simplified kinetic models based on different principles have been 
proposed [46–48]. It should be noted that the hydrocarbon pool mechanism 
was generally accepted over the last decade, therefore earlier kinetic 
schemes were oversimplified and lacked relation with the true chemistry 
behind the formation of hydrocarbons. Therefore, they provide little 
information on the real reaction steps and the product distribution observed. 
A lumped kinetic model for methanol at industrial conditions was built 
based on a one-step reaction of methanol dehydration in a fixed-bed 
reactor by Tavan et al. [49]. The experiments were carried out in the 200-
400 oC range at 1 bar with a WHSV varying from 15 to 90 h-1. Their 
experimental data were described rather well with a simple kinetic model. 
As the pressure has little effect of the enthalpy of the overall reaction, this 
model was also utilised at elevated pressures [49].  
Another lumped kinetic model was developed for the MTH process over a 
ZSM-5 catalyst in the 400-550 °C range. Seven pseudo components 
including oxygenates, n-butane, C2-C4 olefins, C2-C4 paraffin (except for n-
butane), C5-C10 fraction and methane were used to quantify the distribution 
of products (Scheme 2.8).  
 
Scheme 2.8. MTH reaction scheme over an H-ZSM-5 catalyst [50]. Preudo 
components: M: methanol, D: dimethyl ether, P: propylene, B: Butane, O: C2-
C4 olefins, G: gasoline 
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In this kinetic scheme, C2-C4 olefins are primary products, formed from 
methanol and dimethylether, intermediates in the autocatalytic steps to 
form more olefins and in the formation of gasoline product by methylation, 
oligomerisation, cyclization, and aromatisation. A cracking step of gasoline 
product was also considered to form lower olefins. This kinetic model 
describes experimental data obtained in a fixed-bed reactor in the 400-550 
oC range at short residence times [50]. 
There is general consensus about the auto-catalytic nature of the MTH 
reaction [51]. This means that the reaction between methanol or DME and 
hydrocarbons residing in the zeolite pores under steady-state conditions 
(the so-called “hydrocarbon pool”) is faster than C–C bond forming 
reactions between two methanol and/or DME molecules.  
 
2.3 Synthesis of ZSM-5 coatings on structured substrates 
As one of the most important commercial zeolites, ZSM-5 has been 
synthesised over various ceramic substrates such as quartz, cordierite as 
well as metal substrates: aluminium, titanium and stainless steel [52–54]. 
However, the reaction is often mass transfer limited by intraparticle 
diffusion. Therefore other deposition techniques such as in-situ 
hydrothermal growth, washcoating, dipcoating and spray deposition were 
developed to obtain zeolitic coatings [55–57]. A thin layer of zeolite 
catalysts has a better accessibility to active catalytic sites and improved 
heat and mass transfer rates [58]. Commonly, the envisioned application 
of zeolitic coatings determines the deposition method. For example, fast 
exothermic reactions can be intensified when they are performed over 
zeolitic coatings with a thickness of few microns, which are directly grown 
in the channels of a microstructured reactor.  
A microstructured reactor is a chemical reactor that is characterised by its 
very small channel diameter (typically 0.3-1.0 mm) and a channel length of 
10-200 mm. The small dimensions allow very fast external heat and mass 
transfer. Microstructured reactors were employed in many fast reactions 
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and improved performance was reported [59–62]. A thin layer of PdZn 
catalyst was studied in methanol steam reforming [63]. High conversion 
and selectivity were achieved in dehydration of ethanol over a TIO2/γ-Al2O3 
coatings [60]. A propene selectivity above 97% was observed for a non-
oxidative propane dehydrogenation in a microstructured membrane reactor 
[64]. In oxidative dehydrogenation of methanol to formaldehyde, a silicon 
microreactor demonstrated higher selectivity than a fixed-bed reactor due 
to isothermal conditions even at high oxygen concentrations [65]. A highly 
exothermic oxidation of hydrogen over a Pt/Al2O3 coatings in the explosive 
region was performed in a microstructured reactor coupled with a micro 
heat-exchanger [66]. 
2.3.1 Synthesis of microporous zeolites 
Sol-gel hydrothermal synthesis (HT) is the most common method to obtain 
zeolitic coatings. Synthesis of zeolitic coatings onto different substrates by 
thesol-gel method was studied by Rebrov [67]. In a heterogeneous 
synthesis, the Gibbs free energy of the system is the key factor of forming 
phases. The Gibbs volume free energy of the system under nucleation 
 
Figure 2.4. Variation in the Gibbs free energy (ΔG) at an increase in the 
molecular aggregate radius in the nucleation process at the different solution 
supersaturation degrees α1 < α2 < α3. As the supersaturation increases, the 
critical nucleus radius (r*) decreases [67]. 
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increases due to the formation of the phase interface. When a new solid 
phase is formed under nucleation in a sol-gel phase of precursors, the free 
energy decreases due to the formation of a more stable thermodynamic 
state. However, the radius of formed molecule aggregate is highly effected 
by saturation. In a supersaturated situation, the critical nucleus radius 
decreases. Any smaller nucleus with lower Gibbs volume free energy than 
the critical value may be dissolved to have a lower chemical potential 
(Figure 2.4). Moreover, the Gibbs free energy for the formation of critical 
nucleus under heterogeneous nucleation is always lower than under 
homogeneous one which indicates that nucleation is more likely to occur 
within surface defects (micro slots and cracks) [67]. 
Initiation of ZSM-5 coating growth is highly dependent on surface 
pretreatment and concentration of precursors. Jiao et al. [68] used SEM to 
study the initial steps in the formation of ZSM-5 coatings on a SiC foam 
substrate pretreated with the precursor gel. Between synthesis times of 3 
and 36 hrs, ZSM-5 crystals were observed to emerge on the gel layer, grow 
larger into the outer porous layer and eventually cover the foam. However, 
coating growth slows down and ceases after a certain time of synthesis 
when synthesis mixture is exhausted. Calis et al. [69] performed the 
synthesis of ZSM-5 coatings on a stainless steel monoliths and observed 
that the coverage exceeded 25 g/m2 after rotating synthesis of 24 hrs and 
eventually reached 28 g/m2 after 44 hrs. 
The quality of the zeolite product is determined by the elemental 
composition of the initial sol, synthesis conditions and the substrate 
properties (such as wettability and surface roughness). Usually, the initial 
sol consists of a silica and aluminium sources, a structure directing agent 
(template) and a solvent. Crystallization time can influence different 
aspects of ZSM-5 crystallization and can lead to changes in the properties 
of the final zeolite product. The effect of crystallization time on ZSM-5 
morphology was studied in a synthesis performed from fumed silica, 
sodium aluminate and tetrapropylammonium hydroxide (TPAOH) [70]. The 
authors concluded that there exists an optimum synthesis time of 45 hours 
which provides the highest crystallinity and highest surface area of zeolites. 
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ZSM-5 with very high Si/Al ratios (80 to 1200) were obtained by HT 
synthesis using a mixture of two templates: tri-ethyl butyl ammonium 
bromide (TEBA) and ethylene diamine (EDA) [71]. A synthesis in the 
absence of structural template was also successfully performed to obtain 
nanosized ZSM-5 with a crystal size of 15 nm. In this case, sodium cations 
were reported to play a structure directing role instead of a template 
enhancing nucleation and crystallization [72]. Developed from 
hydrothermal synthesis, a two-step synthesis method was demonstrated 
by mixing tetraethylorthosilicate (TEOS) and TPAOH as the seed 
suspension at 80 oC for 72 hrs prior to the synthesis [73]. It is interesting 
that the crystal size was controlled in the range from 200 to 1000 nm by 
adjusting the amount of the seed suspension. Various metal cations were 
studied to replace sodium and to modify the acidity of ZSM-5 catalysts. A 
manganese (III) acetylacetonate precursor was used in a one-step ZSM-5 
synthesis. Characterisation suggested that manganese was incorporated 
in the zeolite framework and it also formed a large extra framework clusters, 
depending on the initial Mn concentration in the sol [74]. 
The catalytic performance of ZSM-5 zeolite depends highly on its 
physicochemical properties such as crystallinity, crystal size, acidity, 
specific surface area, and the presence of other zeolite phases. In order to 
tailor these properties to maximise different reaction products, large efforts 
have been done to study and control synthesis conditions during 
hydrothermal synthesis.  
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Synthesis time is one of the most significant factors during crystal growth. 
The crystallinity of ZSM-5 was reported to increase with synthesis time 
[70,75,76]. By increasing synthesis time from 72 to 120 hrs, Karimi et al. 
observed an increased crystallinity which was ascribed to increased 
nucleation and growth rates (Figure 2.5) [75]. The increasing crystallinity 
with longer synthesis time was also proved by optical density ratio 
measured at the 542 and 450 cm-1 bands in FTIR spectra [70,77]. However, 
after reaching a high crystallinity at some point, it was reported that further 
increase in synthesis time has no significant effect on crystallinity [70]. 
However the crystal size was reported to increase or decrease with 
synthesis time depending on synthesis conditions. This indicates that an 
equilibrium between crystallization and dissolution of zeolite crystals may 
exist [75,76].  
The synthesis temperature is another important parameter in zeolite 
synthesis. Karimi et al. [75] performed ZSM-5 synthesis in a wide 
temperature range (125-200 oC). They reported that the crystallinity 
reached the maximum at 175 oC. At maximised crystallinity, twinned 
crystals with smooth surfaces and the strongest band intensity at 550 cm-1 
were observed.  
The effect of Si/Al content on the morphology of ZSM-5 crystals has been 
reported [78,79]. Al-Dughaither et al. [79] obtained a series of ZSM-5 
samples in a wide range of Si/Al ratios of 30-280. They concluded that the 
Si/Al ratio has little effect on the crystallinity of ZSM-5 crystal. The unit cell 
 
Figure 2.5. SEM images of samples obtained after 72 (left), 96 (middle) and 
120 h (right) [75] 
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volume increases in crystals with lower Si/Al ratio due to the replacement 
of smaller silicon atoms (2.22 Ȧ) by larger aluminium atoms (2.86 Ȧ). This 
explains the higher intensity of peaks in XRD patterns of samples with high 
Si/Al ratio. Shirazi et al. [78] reported that high Al content led to highly 
undergrown and twinning crystals with smaller mean size. A lower BET 
surface area was also observed in ZSM-5 with low Si/Al ratio. The catalytic 
and chemical properties will be discussed in section 2.3.4. 
One of the major challenges in the conversion of methanol to hydrocarbons 
is deactivation by coking. Deactivation of MTH catalysts correlates with the 
formation of (poly-)aromatic coke precursor molecules, which eventually 
block the pores and active sites and are gradually converted to graphitic 
type coke [80]. For H-ZSM-5, it has been observed that coke formation 
starts in the first part of the catalyst bed and progresses towards the outlet 
with time on stream, leading to an inverse S-shaped conversion versus 
time-on-stream curve [81]. Various treatments of  ZSM-5 zeolites have 
been investigated in order to prolong the catalytic lifetime of ZSM-5 by 
reducing and weakening the number of acid sites [82,83]. 
2.3.2 Ion-exchange 
Research intending to modify strong acid sites on the surface of ZSM-5 
was performed by ion-exchange with various alkaline earth metals [84]. 
Among tested metals, Ca-exchanged ZSM-5 exhibited the best coke 
resistance and longest lifetime in the MTH reaction when compares to 
magnesium, strontium and barium. By replacing the strong acid sites, 
calcium ions suppressed formation of aromatics which are intermediates to 
produce coke deposits. Moreover, a decrease in strong acid sites of the 
regenerated Ca-ZSM-5 implied a fact that some calcium ions were 
released from sites over time on stream [84].  
Ni-exchanged ZSM-5 catalysts were investigated in an n-hexane 
conversion where nickel was reported to cause an extreme increase in 
aromatisation selectivity [85]. Location of nickel in ZSM-5 was examined 
by comparing samples prepared by ion-exchange and wet impregnation. 
Both samples exhibited improved selectivity towards olefins in secondary 
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cracking of butene and pentene and that formation of NiO at the external 
surface of ZSM-5 was favoured when nickel loading exceeded 1 wt.% 
during wet impregnation [86]. Precise information on the location of nickel 
ions was beneficial in catalyst design to control selectivity. Nickel was 
reported to catalyse the conversion of a CO/CO2 mixture into methane [87] 
and therefore its catalytic activity will be studied in this thesis. 
2.3.3 Hierarchical ZSM-5 structure 
The micropores in zeolite structures have a diameter below 1 nm which 
could impose diffusion limitations, especially in relatively large crystals. In 
order to enhance diffusivity, tailoring the porosity is required during zeolite 
synthesis. Mesoporosity could be introduced into the ZSM-5 structure 
either by direct hydrothermal synthesis [88,89] using a second templating 
agent, or a post-synthesis desilication approach [90]. In a desilication, 
silicon atoms are extracted from the zeolite framework by a treatment with 
a base solution. In this approach, an intense removal of silicon occurs 
which decreases the Si/Al ratio and consequently increases the exposure 
of acid sites. Scheme 2.9 represents a schematic view of the desilication 
process. Step 1a to 1b represents the initial stage of random dissolution of 
 
Scheme 2.9. Schemes of influence of desilication on ZSM-5 with 1,2) high 
Si/Al ratio, 3) low Si/Al ratio regarding dissolution, pore formation and 
realumination [91] 
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a MFI unit cell by alkaline treatment where framework Al is released and 
adsorbed on the cell surface protecting further dissolution. However, in 
further steps, 1c to 2e, the MFI unit cells get further dissolved due to low Al 
density in a ZSM-5 with high Si/Al ratio. They form a mesopore with 
diameter around 40 nm. Contrarily, for ZSM-5 with high Al content, the 
dissolved MFI unit cell will release enough framework Al to cover the entire 
external surface and consequently stops formation of mesopores (steps 3a 
to 3e) [91]. In order to introduce intracrystalline mesopores in ZSM-5 with 
a low Si/Al, the alkalinity has to be increased [92]. 
The formation of mesopores improves internal transport of larger 
molecules, thus shifts product selectivity to longer chain hydrocarbons. The 
formation of mesopores mainly occurs at the expense of micropores [93]. 
Desilication would not affect the number of Brønsted acid sites but would 
substantially increase Lewis acidity [93]. However, the total acidity remains 
constant as  confirmed by several groups using NH3 adsorption [94–96]. 
This result indicates that all sites are acidic enough for strong adsorption 
of NH3. A discrepancy between elemental composition by NMR and total 
acidity for desilicated ZSM-5 was also reported, which was explained by 
the existence of extra framework or even amorphous aluminium species  
that does not contribute to acidity [94]. The deactivation and reactivation 
kinetics of micro- and bi-porous zeolites is different due to different mass 
transfer rates in their porous networks.  
Introducing mesoporosity by desilication was widely reported to have an 
improvement on catalytic stability, lifetime and selectivity towards gasoline 
range hydrocarbons [94,97–99]. By modifying micropores to mesopores, 
larger cavity and channel diameter allow heavier hydrocarbon molecules 
to pass through and higher resistance against coking which could block 
pores. A fundamental study comparing catalytic activity of microporous and 
desilicated ZSM-5 was carried out by Bjørgen et al. [94]. They observed 
both higher methanol conversion with time on stream and accumulated 
methanol conversion over ZSM-5 desilicated sample and that this effect 
was improved by harder desilication treatment using a NaOH solution up 
to 0.2 M. This result was explained as an improved accessibility to and from 
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the acid sites due to higher external surface areas and mesopore volumes 
observed [94]. The C5+ selectivity was also reported to rise by a factor of 
1.4. In another reported synthesis of ZSM-5/MCM-48 composites, an 
interconnected microporous and mesoporous channel system was proved 
to have improved selectivity towards C5+ gasoline range products with 
almost half of the aromatics content in the products when compares to H-
ZSM-5 zeolite [100]. The reaction temperature was also studied in this work 
where the optimal temperature for selectivity towards C5+ was 380-400 oC 
over both catalysts. Higher operating temperature resulted in a higher 
conversion of methanol, however, with more aromatics in liquid products. 
A work studying space velocity of methanol over a mesoporous ZSM-5 was 
performed in a fixed-bed reactor at 370 oC. At a high WHSV, a higher 
amount of C4+ was observed together with a lower conversion of methanol 
due to the lower contact time. Similar overall products were observed 
indicating a common reaction pathway over various WHSV [88].  
2.3.4 Catalyst stability 
H-forms of various zeolites (both 1D and 3D) with different acid density and 
surface areas were studied in the MTH reaction, among others ZSM-22, 
ZSM-23, IM-5, ITQ-13, Beta and ZSM-5. All these catalysts are active for 
methanol conversion and give initially full methanol conversion but their 
lifetime varies considerably and decreases in the order of ZSM-5 >> ITQ-
13 >> IM-5 > ZSM-23 ~ Beta > ZSM-22 > Mordenite. In general, 12-ring 
zeolites (H-Beta and H-Mordenite) deactivate faster than 10-ring zeolites, 
with higher aromatic yields and a lower C5+ aliphatics fraction. Ten-ring 1D 
zeolites, ZSM-22 and -23, produce mainly aromatic free C6+ fractions but 
show reduced stability toward deactivation. 
One of the main drawbacks of MTH over zeolite catalysts is related to the 
deactivation. It is also the major issue in the industrial application of MTH 
conversion. Two main causes of the deactivation are the removal of 
framework aluminium and formation of carbon species. Framework 
aluminium is mandatory for generating the Brønsted acid sites. Therefore 
the dealumination caused by steam attacking Al-O-Si bonds, leads to the 
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collapse of the acidic structure and irreversible deactivation of catalyst 
[101–103]. Carbon species deposited inside zeolite cavities also block the 
micropores and acid sites [104,105].  
Severe deactivation due to micropore filling by alkylated benzene 
molecules was observed over H-ZSM-5 above 543 K [106]. Dealkylation of 
products over a H-ZSM-5 catalyst started at 623 K and cracking to alkene 
was favoured at higher temperatures as it was concluded from 
temperature-programmed desorption experiments (TPD). Above 623 K, a 
longer lifetime and less hydrocarbon residue were observed [6]. A similar 
effect of reaction temperature was observed over H-SAPO-34 [107]. Two 
other important factors related to catalyst deactivation are the strength of 
the acid sites and their density. With a high acid strength and density of 
acid sites, deactivation was reported to be faster in several studies 
[26,108–110].  
Major deactivation in MFI catalysts is caused by coke formation at the 
external surface of zeolite [6]. In a study by Schmidt et al., characterisation 
of deactivated ZSM-5 was performed to investigate the deactivation and 
reactivation of both micro and mesoporous ZSM-5.  
Diffusion limitation created by micropores is the main reason of the less 
efficient use of interior layer of crystals. Therefore, coke was mainly 
observed in the outer shell of ZSM-5 crystals, which prohibits the access 
to acid sites and leads to poor catalytic performance (Scheme 2.10). More 
coke was formed in mesopores due to a higher external surface. The 
mesoporous ZSM-5 was also evenly deactivated over the whole crystal, 
explaining the higher conversion capacity of methanol and lifetime 
(Scheme 2.10) [111].  
Framework dealumination causes irreversible damage to the activity of 
catalyst which cannot be restored. On the other hand, coking of the catalyst 
is reversible by burning off the carbon residues under mild conditions [112]. 
Industrial regeneration of the catalyst proceeds either via thermal treatment 
or washing with a solvent. Reported by Schmidt et al. [97], though having 
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a reduced lifetime, most activity of reactivated microporous ZSM-5 was  
recovered. This is in line with the fact that the coke shell stops conversion 
and that high amounts of inner particles do not deactivate (Scheme 2.10). 
However for mesoporous ZSM-5, a loss of catalytic activity was observed 
from reactivated zeolite. This was explained by irreversible loss of 
Brønsted acid sites due to the removal of framework aluminium during 
burning the coke [41].  
Recent studies suggested that deactivation of MTH catalysts, in which the 
reactants are the dominating source of coke, might be related to 
formaldehyde or similar intermediates formed via reactions [113,114]: 
2𝐶𝐻3𝑂𝐻 → 𝐶𝐻2𝑂 + C𝐻4    ΔG
o
298 =160.8 kJ·mol-1 
𝐶𝐻3𝑂𝐻 → 𝐶𝐻2𝑂 + 𝐻2    ΔG
o
298 = 49.3 kJ·mol-1 
𝐶𝐻3𝑂𝐻 + 𝐶𝑛𝐻2𝑛 → 𝐶𝐻2𝑂 + 𝐶𝑛𝐻2𝑛+2     
          ΔGo298 =-51.8 (n=2), -48.8 (n=3) kJ·mol-1 
Those studies support early observations by Hutchings et al. who proposed 
that formaldehyde is formed during the MTH and induces deactivation due 
to the promotion of polymerization of hydrocarbon species [115,116]. Later, 
it has been reported that formaldehyde is formed on Lewis and Brønsted 
 
Scheme 2.10. Deactivation behaviour of micro (Top row) and mesoporous 
(Bottom row) ZSM-5 and the impact on the acid sites after the reactivation. 
(The intensity of the particle colour represents the acid site density. The dark 
parts of the particle represent the location of coke after deactivation.) [111] 
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sites in MFI. The hypothesis is that formaldehyde promotes the formation 
of oxygen-rich coke, which is observed during the early stages of reaction 
and gradually evolves into hydrogen-deficient carbon residues [117]. 
Methanol may also react with mono- and polycyclic aromatic compounds 
to form additional aromatic rings, as exemplified by the reaction  
𝐶6(𝐶𝐻3)6 + 𝐶𝐻3𝑂𝐻 → 𝐶10𝐻5(𝐶𝐻3)3 + H2O + 6 H′ 
Methylation and hydride transfer reactions are important in this type of 
coking process. However, the mechanism leading to the extra aromatic ring 
is still not fully revealed [118]. 
 
2.4 MTH process 
The methanol to hydrocarbons (MTH) reaction is currently among the 
fastest evolving industrial processes for converting C1 carbon sources to 
higher hydrocarbons, with at least 12 industrial plants being commissioned 
since 2009 [14,119]. 
The methanol conversion, selectivity towards the C5+ range products and 
stability of catalyst against deactivation are several key aspects that need 
to be considered to optimise the catalytic performance of ZSM-5 in the 
MTH process. Various approaches have been investigated regarding 
tuning reaction conditions and modification of the catalyst.  
The classical representation of reaction path in the conversion of methanol 
to hydrocarbons could be summarised to several consecutive reaction 
steps (Scheme 2.9).  
 
Scheme 2.9. Simplified MTH reaction pathway 
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The first step is the fast equilibration of methanol with the dimethylether 
(DME) which is the dehydration product of methanol. In the second step, 
the equilibrium mixture of methanol and DME converts to olefins as well as 
aromatic and alphabetic hydrocarbons. This step is well known as a mainly 
autocatalytic reaction then the C-C-coupling produces some light olefins. 
The oxygenates are considered to bound by the previously formed olefins 
or by a so-called hydrocarbon pool consisting of polymethylated benzenes, 
residing in the micropores of the zeolite lattice [120]. Subsequently 
cracking forms light olefins. The coke is formed by the polymerisation of 
the aromatic species contained in the hydrocarbon pool inside the 
micropores and deactivates the catalyst. The MTH process can be further 
modified toward preferential gasoline production (MTG), propylene 
production (MTP) and olefin production (MTO) by appropriate choice of 
catalyst/support system and operating conditions such as pressure and 
temperature [121]. H-ZSM-5 (MFI) catalysts are most common for the 
methanol-to-gasoline (MTG) process, and H-SAPO-34 (CHA) catalysts are 
well known for the methanol-to-olefins (MTO) process [122]. 
 
2.4.1. Methanol-to-gasoline (MTG) process 
The MTG process is considered one of the widely used technologies for 
the production of high-octane gasoline from biomass, natural gas and coal 
[6,123–127]. Biomass thermochemical-derived intermediates containing a 
large fraction of oxygenated compounds (less than C6) are chemically and 
thermally unstable and cannot be used as fuel directly. However, after 
deoxygenation, liquid hydrocarbon molecules can be a direct feed into 
current petroleum refineries or be a direct replacement of diesel gasoline 
[128].  
The MTG process was discovered in the early 1970s by researchers at 
Mobil [4] and later commercialised in New Zealand where Mobil, in 
partnership with New Zealand government, built a 14500 bpd plant based 
on natural gas converting synthesis gas into methanol [6]. In the fixed-bed 
process, the reaction is split into two parts (Figure 2.6). In the first part, 
29 
 
methanol converts into dimethyl ether (DME) and forms an equilibrium 
mixture containing methanol, DME and water, releasing 15-20% of the 
overall heat of reaction. The second step is the conversion of DME into 
gasoline-range hydrocarbons and water over the designed ZSM-5 zeolite 
catalyst [129].  
Table 2.1. Properties of MTG gasoline vs. US conventional refinery gasoline 
[130] 
 Summer 2005 Winter 2005 MTG gasoline 
Oxygen (WI%) 0.95 1.08 - 
API Gravity 58.4 61.9 61.8 
Aromatics 
(%Vol) 
27.7 24.7 26.5 
Olefin (vol.%) 12.0 11.6 12.6 
RVP (psi) 8.3 12.12 9 
T50 211.1 199.9 201 
T90 330.7 324.1 320 
Sulfur (ppm) 106 97 0 
Benzene (%Vol) 1.21 1.15 0.3 
The reactor effluent is then cooled down and separated into gas, liquid 
hydrocarbons and water. The gas phase, mostly light hydrocarbons, is 
recycled to gas compressor. Essentially all of the non-hydrocarbons, C1-C4 
gases are removed by distillation. Methane, ethane and some propane are 
 
Figure 2.6. Flow diagram of MTG process operated in New Zealand [256] 
30 
 
removed in a de-ethanizer. The stabiliser could then remove propane and 
part of the butane. Stabilized gasoline then flows to a splitter where it is 
separated into light and heavy gasoline fractions [129]. 
The MTG reactors were a successful example regarding scaling up from 
500 kg/d to 1700 t/d. Gasoline yield, purity and catalytic performance were 
consistent at a high level in all pilot plant data. Table 2.1 compares the 
MTG gasoline properties with the average properties of conventional 
gasoline sold in the US markets in 2005 [130]. The MTG gasoline has 
virtually identical properties as US conventional refinery gasoline with two 
outstanding difference being lower benzene content and zero sulphur.  
 
2.4.2 Methanol to Olefins (MTO) process 
The selectivity of methanol conversion could be tuned to light olefins (over 
80%) over an H-SAPO-34 catalyst. However, opposed to H-ZSM-5, H-
SAPO-34 has a lower resistance against coking, which indicates that this 
process requires frequent catalyst regeneration and efficient temperature 
control. In the 1990s, UOP and Norsk Hydro (now INEOS) developed an 
industrial MTO process based on H-SAPO-34 in a low-pressure fluidized-
bed [131]. Later in 2009, combining with an olefin cracking process (OCP) 
by UOP/Total Petrochemicals (Figure 2.7) [132], this process was semi-
commercialised in Feluy, Belgium with methanol feed of 3.65 kt/y and a 
 
Figure 2.7. INEOS MTO fluidized bed process over SAPO-34 combined with 
UOP/Total OCP [6] 
31 
 
plant was also constructed in Nanjing, China with a production of olefins at 
295 kt/y.  
Lurgi developed the MTO process further to maximize the selectivity of 
propene over H-ZSM-5 zeolite with high Si/Al ratio, which eventually 
became the methanol-to-propylene (MTP) process [133]. As shown in 
Figure 2.8, undesired products, such as primary olefins, ethane and 
butenes, are recycled to the MTO conversion reactor. Feed injection 
between beds and recycling of C2 and C4+ provide a heat sink for 
exothermic reactions. To increase selectivity to olefins, low pressure (close 
to atmosphere) and high temperature (460-480 oC) was applied. The first 
plant of this process was started up in China in 2010 with a production at 
500 kt/y of propylene and 185 kt/y of gasoline as a major by-product.  
The conversion step of methanol is strongly exothermic. The produced 
heat can result in hot spots due to inefficient heat transfer in the reactor. 
The hotspot issue leads directly to damage of the acidic structure of 
catalyst, thus low stability of catalyst and shifted selectivity of products 
[102]. 
Over the last decade, increasing interests have been drawn on 
microstructured reactors that form now-a-days a new class of chemical 
reactors [134,135]. Their small dimensions and high surface-to-volume 
ratios provide several advantages over conventional fixed bed reactors, 
such as higher heat and mass transfer rates, operation under specific 
conditions that are hard to achieve in the conventional reactors [136–138] 
 
Figure 2.8. Lurgi MTP process: Adiabatic dehydration reactor for DME synthesis 
and parallel adiabatic reactors with interstage feed (quench) addition and 
recycle of process condensate and C2 and C4+ olefins [6]. 
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and a possibility of integrated chemical analytic platforms for fast data 
analysis [139]. Due to their small diameter, microchannels have very good 
heat and mass transfer properties. Therefore, the rate of reactions that are 
limited by heat or/and transfer in a conventional reactor, can be increased 
by performing the reaction in a microreactor, leading to process 
intensification. Furthermore, non-uniformities in temperature (in the case of 
fast, highly exothermic reactions [140]) can be avoided in a microreactor, 
which can result in improved selectivity and yield. The temperature 
uniformity also makes microreactors well suited for measuring intrinsic 
reaction kinetics. The catalytic material is usually deposited as a thin 
coating at the walls of reactor channels. Zeolite interfaces are excellent 
candidates for microreactor applications because of their remarkable 
possibilities in MTH catalysis. 
 
2.5 Numerical modelling of microstructured reactors 
Microreactors also differ from conventional reactors in a number of ways, 
which are of importance for the development of mathematical reactor 
models [134]. Reactor modelling is an important aspect of chemical 
engineering, since it is the basis for the design and optimization of chemical 
process equipment. Since the flow in the channels is laminar, the accuracy 
of microreactor models is higher than of conventional reactors, which 
makes the design of microreactors more reliable. 
In microstructured reactors, simple 1D correlations such as constant 
surface temperature or constant heat flux through surface are not always 
the case. Heat transfer in microreactor consists of both convection in the 
gas flow and axial conduction in the solid. The volume fraction of solid wall 
material is much higher in microreactors than in macroscopic equipment, 
which makes solid heat conduction an important factor in microreactors, 
while it can usually be neglected in conventional reactors. The choice of 
the wall material and flow mode (co-current or counter-current) depends 
on the ratio of convective and conductive heat fluxes [141]. A ratio of the 
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fluid conductive flux to the convective one is typically in the range of 0.001-
0.01 in long channels with the length to diameter ratio of 100 [142]. 
Therefore conductive heat flux in the fluid could usually be safely neglected 
in microchannels. 
Small reactors are more sensitive to their outside environment than 
conventional reactors therefore heat losses to the surroundings need to be 
included in their designs. Many studies were carried out to analyse heat 
transfer in microreactors and their results demonstrated considerable 
deviations from well-established correlations [143,144]. 
Due to the reactor's small size, numerical simulations are critical to 
understand heat and mass transfer phenomena occurring in the systems 
and help guide further improvements. Fluid flows in microreactors are 
governed by partial differential equations (PDE) which represent 
conservation laws for the momentum, mass, and energy. Computational 
Fluid Dynamics (CFD) is used to replace such PDE systems by a set of 
algebraic equations which can be solved using numerical methods. The 
basic principle behind CFD modelling is that the simulated region is divided 
into small cells. Differential equations are discretized and represented in 
terms of the variables at any predetermined position within the cell. Then 
these equations are solved iteratively in a numerical solver until the solution 
reaches the desired accuracy. The existence of a singular point in the  
microchannel was reported by several group when a cold gas was heated 
by a hot channel wall [145,146]. After this point, the heat flux changed the 
direction back to the surface. This singular point can also be shifted 
downstream to the channel outlet with increased Re number. However, the 
heat flux can still be described by conventional 1D heat transfer 
correlations [141]. The boundary conditions comprised uniform 
temperature and axially uniform heat flux with circumferential temperature 
uniformity (so-called thin wall boundary conditions). The CFD simulations 
showed ca 10% deviations, which are acceptable for initial designs. The 
thin-wall CFD model was recommended by the authors instead of 1D 
correlations to model heat transfer in microchannel heat-exchangers [147]. 
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However, 2D and 3D numerical simulations are often needed for situations 
including changing flow composition along the reaction channel. Most of 
the models found in the literature are two dimensional.  
 
2.5.1 Two dimensional models 
Two dimensional models provide more accurate predictions and more 
complicated designs compared to one dimensional models, while not 
requiring the high computing power needed for three dimensional 
simulations. They assume that variables change predominantly in two 
directions. 
One of the earliest two dimensional models was developed by Karim et al. 
[148] and was used to compare the performance between a packed bed 
and a wall coated microreactor. They used the model to study the 
temperature profiles, impact of reactor size on apparent activity and for the 
wall coated reactor, the effect of catalyst wall-coating thickness and reactor 
diameter on apparent activity. 
Liu and Garimella [149] performed a CFD study of fluid flow and heat 
transfer in both conventional and micro channels and confirmed that the 
heat transfer coefficients were the same in both cases. This is also in line 
with the finding that experiments with single microchannels are in good 
agreement with predictions using published correlations [141]. The forced 
convective heat transfer was studied and compared to various geometric 
configurations of microchannel which showed a significant effect on heat 
transfer and flow characteristics [150]. Several groups also claimed that 
extended internal surface of microchannels such as cavities, ribs and fins 
could improve heat transfer rates [151–153]. 
Stefanidis and Vlachos [154] developed a model of a parallel plate 
microreactor/heat-exchanger where propane combustion and methane 
steam reforming occur on opposite sides of the wall. For the heat and mass 
transfer, they used standard continuity equations, gas-phase and solid 
phase energy balance, and the gas and surface species mass balance. 
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They determined that a co-current flow configuration would minimize hot 
spots and give better overlap of reaction zones, so this configuration was 
chosen for the follow up study.  
A CFD study on heat transfer in a wall-coated methanol steam reformer 
microreactor with a porous catalytic coating was carried out by Chen et al. 
[149]. The temperature profile was observed to be non-linear with lower 
heat transfer coefficient at inlet and outlet of reformer. It was also claimed 
that thickness of catalytic coating also played a role effecting heat flux and 
temperature distribution. 
While the 2D models are far superior to one dimensional models, they still 
have many limitations. They are able to show changes in the x and y 
directions while it is assumed that changes in the z direction are not 
significant. This works well for near cylindrical geometries. However 2D 
models require less computational power than three dimensional designs, 
which can be an advantage, especially in the design phase. However, most 
small scale microreactors are planar systems which means that the 
physical phenomena changes in the z-direction. Therefore, to achieve 
greater accuracy in predicting and understanding reactor performance, 3D 
models are needed [147].  
 
2.5.2 Three dimensional models 
With an increase in computing power over the last decade, 3D reactor 
modelling became possible. One of the first 3D models was developed by 
Alfadhel and Kothare [155]. They modelled a Si-based water-gas-shift 
reactor. In 2009, researchers from Yan’s group published two papers on 
numerical studies on plate type microreformers [156]. They examined a 
multi-channel parallel plate reactor with the focus on the impact of the 
aspect ratio on methanol conversion, hydrogen and carbon monoxide 
generation rate. The channel surfaces were coated with a 30 μm thick 
Cu/ZnO/Al2O3 catalyst. In the 3D model, it was assumed the methanol-
water mixture entered the reactor as a gas and the reaction occurs on the 
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catalyst layer. They found out that there were non-uniform reaction rates in 
each microchannel which had a major impact on the reactor performance. 
The concentration of non-uniformities were heavily dependent on 
temperature, flow rate and methanol to steam ratio. In the follow up paper 
they varied the channel aspect ratio (height to width ratio) to understand 
their impacts on methanol conversion [156]. The simulation results 
predicted that lower height to width ratio resulted in better overall 
performance. This was ascribed to the improved surface area for heat 
transfer.  
Jang et al. [157] reported a CFD study on a reactor geometry using a 3D 
model. The reactor was designed of stainless steel with 20 microchannels 
each 33 mm long, 0.5 mm wide and 0.6 mm deep. The multi-step kinetics 
of methanol reforming, methanol decomposition, and reverse water gas 
shift reaction was applied to obtain concentration and temperature profiles 
in the reactor. The numerical simulation tools have proven to be extremely 
useful in evaluating different designs, understanding the manifold impact 
on flow distribution, projecting thermal distribution and efficiency. Flow 
maldistribution was reported to be one of the main drawbacks in numbering 
up of microreactors. Several studies found out that flow maldistribution has 
a great impact on reactions by shifting and broadening product distribution 
[152–154].  
In this work, a 2D heat transfer and PFR model will be built concerning the 
influence of geometric dimensions on the temperature uniformity in a 
microchannel/ heat-exchanger with zeolite inner coating for a MTH reaction. 
The aim of this work is to reduce the hot-spot formed by the exothermic 
reaction.  A following 3D model will be then built and compared to 2D model 
for verification.  
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Chapter 3                                                       
Experimental 
The following chapter provides a general description of the experimental 
procedures and methods employed in this work. Descriptions of catalyst 
synthesis (section 3.1), characterisation (section 3.2), and catalytic activity 
measurements (section 3.3) are provided. 
3.1 Catalyst synthesis 
3.1.1 Substrate modification 
The AISI 304 stainless steel plates (substrates) were supplied by the 
Fraunhofer-ICT-IMM (Germany). The size of substrates is given in , and a 
characteristic image is shown in Figure 3.1. Then they were coated with a 
TiO2 layer by Teer Coating Limited (TCL, UK) to increase of surface 
hydrophilicity. The plates were first dry blasted for 10 s with glass beads 
(150 -250 µm) to produce a surface roughness of 10-20 nm. Then a 130 
nm TiO2 layer was deposited with chemical vapour deposition using a 
reactive magnetron sputter ion plating UDP 650 system [158]. A titanium 
target (99.5 wt.%) was driven by a pulsed DC power supply at 150 kHz 
frequency and 2.0 μs pulse duration. The oxygen pressure in the chamber 
was controlled to provide complete oxidation of titanium to titania.  
All substrates were boiled in xylene (98 % wt, Sigma-Aldrich) for 1 hour to 
remove all organic impurities. After drying, the surface was treated by UV-
light (450 W Hg lamp) for 30 min to improve surface wettability. Before the 
synthesis, the substrates were dipped into a 1.0 M tetrapropylammonium 
hydroxide solution (TPAOH, Sigma-Aldrich) for 10 s and dried. The plates 
were attached to a PEEK holder and placed into a stainless steel autoclave 
equipped with a PTFE liner of 45 ml. The volume of the synthesis mixture 
is 45 ml which was filled with mixture of 20 ml.  
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As shown in Figure 3.1, a microreactor plate consists of 14 half-
microchannels of a diameter of 0.5 mm and a length of 25 mm. The 
distance between centres of each channel is 0.2 mm. When stacking two 
microreactor plates on the channel side, a microreactor with 14 
microchannels was constructed.  
3.1.2 Hydrothermal synthesis 
Tetraethylorthosilicate (TEOS, Sigma-Aldrich, 98 wt%) and sodium 
aluminate (Sigma-Aldrich, >98 wt%) were used as silica and aluminium 
sources respectively. Synthesis conditions and the relative molar ratio of 
precursors are summarised in Table 3.2.  
ZSM-5 was synthesised following the synthesis procedure in Ref. [159], 
with gel composition: (0.1-0.4) NaAlO2: 8 TEOS: 1 TPAOH: 240 H2O. The 
following procedure describes the main synthesis steps of ZSM-5 zeolite 
coatings (and powders): 
 
Figure 3.1. Initial stainless steel plate (left). Sand blasted plate (middle). 
Stainless steel microchannel plate (right) 
Table 3.1. Stainless steel substrates used in this study 
Substrate Size (mm × mm × mm) 
Flat plate 10×10×1 
Power blasted plate 10×10×1 
Microstructured plate 60×14×2 
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 TPAOH was dissolved in a sodium aluminate solution (NaAlO2, 
0.038M).Then the designed amount of TEOS was added and the 
mixture was stirred for 24 h at room temperature until a homogenous 
solution was obtained. 
 20 ml of the mixture was transferred to a Teflon lined stainless steel 
autoclave and the crystallization was performed in an oven at 140 
oC for 2-5 days. 
 At the end of the synthesis, the autoclave was quenched with cold 
water. Obtained materials were washed with deionized water to 
remove remaining precursors, filtered and dried. The organic 
template was removed by calcination under a flow of air at 550 oC 
for 6 h with a heating rate of 1 oC ·min-1.  
 The calcined samples were ion-exchanged three times with an 
ammonium nitrate solution (NH4NO3, 0.5 M, Fluka, >99 wt%) for 12 
hrs at 65 oC and then calcined at 550 oC to obtain the H-form of 
zeolite.  
Table 3.2. Synthesis conditions  
Si/Al Si/TPAOH H2O/Si Time Temperature 
20-60 8.16 24-35 24-120 h 140 oC 
3.1.3 Alkaline treatment 
The samples (1 g) were treated with a 30 ml NaOH solution (Sigma-Aldrich, 
99 wt.%) of different concentrations (0.1, 0.2, 0.4 M) and left at 65°C for 
0.5 h. The solutions were then cooled in an ice bath, centrifuged and 
washed with distilled water until the pH was close to neutral. The samples 
were dried before ion exchange in a 1 M NH4NO3 solution (0.5 M) for 3 x 
2h at 60 oC. The dried samples were calcined at 550 oC for 4 h in a flow of 
artificial air. In additional experiments, a mixture of NaOH (60 mol.%) and 
TPAOH (40 mol.%) solution [160] with a total OH- concentration of 0.2 M 
was used instead of the NaOH solution. The other steps were the same as 
described above. 
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3.1.3 Calcium ion-exchange 
Calcium ion-exchange was performed on powder and coating samples to 
partially exchange NH4+ with Ca2+. The degree of ion-exchange in the 
zeolite is determined by Ca2+ concentration in the solution. A mixture of 
Ca(NO3)2 (0.005-1.0 M) and NH4NO3 (0.5 M) solution was added to 1 g 
zeolite. The mixture was stirred for 3 h at room temperature. The large 
volume of exchanging solution with low Ca2+ concentration provides 
equilibrium due to a threefold surplus of NH4+ ions in the solution as 
compared to the ion-exchange capacity of zeolite.  
 
3.2 Catalyst characterisation  
The catalysts obtained were characterised by X-ray diffraction (XRD), 
Scanning Electron Microscopy (SEM), N2-adsorption isotherm 
measurements, ammonia temperature programmed desorption (NH3-TPD) 
and elemental analysis (ICP-AES). 
3.2.1 X-ray Diffraction (XRD) 
The crystallinity and purity of the material were determined using XRD on 
a PANalytical Empyrean diffractometer equipped using a Fe filtered Co Kα 
radiation (λ = 0.179 nm). XRD analysis was performed in the 5-50° 2θ 
range. Step width and scanning speed were set to 0.02° and 1.5°/min, 
respectively. The obtained patterns were recalculated to Cu Kα radiation 
(λ = 0.154 nm) source.  
3.2.2 Scanning Electron Microscopy (SEM) 
Surface morphology was investigated using a Carl Zeiss Sigma scanning 
electron microscope (SEM) equipped with a field emission electron source 
and an Oxford instruments energy-dispersive X-ray (EDX) detector. SEM 
was used to determine crystal size and shape for powder samples. 
Coatings were studied by cutting the coated plates using a precision saw, 
placing them into a cylindrical mold and filling with an electro-conductive 
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phenolic resin mixed with carbon. The resin was cured within a few minutes 
by heating the mold to 80 oC. Then the solid sample was automatically 
polished using a series of abrasives. In such way, the samples could be 
investigated under SEM to determine the thickness of zeolite layers.  
Energy dispersive X-ray analysis (EDX) was used to determine the 
chemical composition (e.g. the Si/Al ratio). The zeolite powder and coating 
samples were eventually covered with a thin layer of Pt or Au to avoid 
charging prior to analysis.  
3.2.3 Nitrogen adsorption-desorption isotherms  
N2 adsorption-desorption isotherms were used to determine the surface 
area and pore size of the zeolites. About 40 mg catalyst was weighed and 
measured in a relative partial pressure range from 0-0.99 P/P0 at -196 oC. 
Prior to the measurement, the sample was degassed at 90°C for 0.5 h to 
remove moisture and then at 400 °C for 5 h. A BELSORP mini-II 
ASAP2010 porosimeter was used in the measurement. 
The t-plot method was used to calculate the surface area of microporous 
ZSM-5 cataslyst. The Harkins-Jura equation is often used for the analysis 
of zeolite materials [161]. 
𝑡(Å) = 3.54 × (
5
ln (𝑃0/𝑃)
)
1
3       (3.1) 
𝑆 (
𝑚2
𝑔
) = 15.47 · 𝑠        (3.2) 
where 𝑡  is the statistical thickness, 𝑃0/𝑃  is the relative pressure of 
adsorbing environment, 𝑠 is the slope of obtained t-plot.  
Brunauer–Emmett–Teller (BET) theory was applied to calculate the 
surface area of mesoporous ZSM-5 catalyst as shown in following 
equations [162]. 
1
𝑣(
𝑃0
𝑃
−1)
=
𝑐−1
𝑣𝑚𝑐
𝑃
𝑃0
+
1
𝑣𝑚𝑐
        (3.3) 
𝑆𝐵𝐸𝑇 =
𝑣𝑚𝑁𝑠
𝑎𝑉
         (3.4) 
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𝑣  is the adsorbed gas quantity, and 𝑣𝑚 is the monolayer adsorbed gas 
quantity. 𝑐  is the BET constant, N is the Avogadro’s number, 𝑠  is the 
adsorption cross section of the adsorbent.  
3.2.4 Inductively coupled plasma (ICP) 
Elemental analysis was carried out with an ICP-AES apparatus (Thermo 
iCAP 7000). To extract the metals, the catalysts were dissolved in a mixture 
of HF/HNO3/H2O (1.5 ml).  
3.2.5 Pyridine Temperature programmed desorption (TPD) 
The acidity of ZSM-5 samples was assessed by the pyridine temperature 
programmed desorption (TPD) method. The pyridine-TPD profiles were 
obtained in a tube reactor. The analysis was performed with a quadrupole 
mass-spectrometer (OMNIStarTM) using a m/z =79 signal. Prior to pyridine 
adsorption, 50 mg of catalyst was pretreated at 450 °C for 1 h in a O2/He 
mixture flow and then quenched in He flow for 2 h while the sample was 
cooling down to the desired temperature (125, 175, 225 oC). Subsequently 
1.5 vol% pyridine in He flow was introduced until saturation of the sample, 
indicated by the stabilization of the mass spectrometer signal. The 
chemisorbed pyridine was desorbed by heating the catalyst from the 
adorption temperature at a rate of 8 oC/min to 550 oC.  
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3.3 Catalytic activity measurements 
The reaction was performed in the experimental set-up schematically 
presented in Figure 3.2. A gas mixture preparation section consists of 
three mass flow controllers that were used to feed carrier gas (99.9 vol.% 
N2) directly, a methanol (99.99 vol.%)-nitrogen mixture and oxygen flow for 
calcination. To control the methanol partial pressure, the methanol 
evaporator was placed in a thermostat (LAUDA ECO RE420) maintained 
at desired temperature.  
 
Figure 3.2. Schematic view of reactor set-up (Red line: Hot line preheated at 
373 K. Blue line: Cold line.) 
 
Figure 3.3. a) The fixe-bed reactor for ZSM-5 powder catalyst, b) The tube 
reactor loaded with two plates coated with ZSM-5 catalyst 
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Two types of reactor were used in this study (Figure 3.3). A fixed-bed 
reactor was used to study pelleted catalysts. The fixed bed reactor was 
positioned in oven filled with of zeolite pellets (fraction 0.25-0.50 mm). The 
catalyst was packed in a quartz tubular reactor and fixed with two quartz 
wool packings. A tube reactor was used to study the performance of 
catalytic coatings. This reactor has a diameter of 12 mm.  
Prior to the reaction, nitrogen flow was used to purge the reactor for 30 min. 
The pressure in the reactor was maintained with a back-pressure controller 
(Equilibar). When the pressure and temperature were stable, the inlet flow 
was switched to the mixture of methanol and nitrogen. The temperature of 
the reactor was controlled with thermocouples attached to the reactor outer 
wall. 
A small fraction of reaction products were sent to analysis via an additional 
line connected to the reactor outlet line. The products were analysed with 
a GC (Shimadzu 2010) equipped with a Supelco Equity-1 column (90 m, 
0.53 mm id) and an FID detector. The column was programmed to be kept 
at 313 K for 6 min, then heated to 240 oC at a heating rate of 12.5 oC ·min-
1 and maintained for 5 min. An example of a chromatogram and further 
analysis details are presented in Appendix A.  
The concentrations of reaction products were calculated based on peak 
areas. The GC was calibrated using a series of C1-4 gases, methanol, DME, 
a series of liquid hydrocarbons such as n-pentane, n-heptane, p-xylene. 
The effective carbon number approach provided accuracy of the analysis 
within 5 % [163] for all hydrocarbons, but for methanol and DME effective 
carbon numbers were found to be 0.88 and 1.10, respectively. 
Methanol conversion (X), product selectivity (S) and product yield (Y) were 
calculated based on GC-FID areas. During the calculations, methanol and 
dimethyl ether (DME), which is the condensation product of methanol 
molecules are considered as reactants, and all non-oxygen containing 
effluent hydrocarbons are considered as reaction products. The 
calculations were performed as follows: 
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Conversion: 𝑋𝑖(%) =
𝐶 𝑖𝑛 𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠−𝐶 𝑖𝑛 𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠
𝐶 𝑖𝑛 𝑎𝑙𝑙 𝑐𝑜𝑚𝑝𝑜𝑢𝑛𝑑𝑠
× 100   (3.5) 
Selectivity: 𝑆𝑖(%) =
𝐶𝑖
𝐶 𝑖𝑛 𝑎𝑙𝑙 𝑐𝑜𝑚𝑝𝑜𝑢𝑛𝑑𝑠
× 100    (3.6) 
Yield: 𝑌𝑖(%) =
𝑋𝑖∙𝑆𝑖
100
        (3.7) 
Residence time: τ(s) =
1
𝑊𝐻𝑆𝑉
𝜌𝑀𝑒𝑂𝐻
𝜌𝑐𝑎𝑡
     (3.8) 
Turnover number: TON(𝑔 · 𝑔𝑐𝑎𝑡
−1) = WHSV · ∫ 𝑌𝑖 𝑑𝑡
𝑡
0
   (3.9) 
 
3.4 Temperature programmed oxidation and catalyst 
regeneration 
The rate of coke formation was studied by temperature programmed 
oxidation (TPO) analysis. 100 mg of spent samples were placed in a 
reactor. Then a flow of 20 % O2 in N2 (10 mL min-1) was fed to the reactor 
Ar was used as an internal standard. The temperature of the sample was 
increased to 650 °C at a heating rate of 5 °C min-1. The concentration of 
CO2 in the outlet was monitored continuously by a Quadrupole mass 
spectrometer (OmniSTAR). 
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Chapter 4                                                                 
Synthesis and catalytic activity of microporous 
ZSM-5 catalyst and its coating 
4.1 Introduction 
Thin catalytic coatings on a structured (metal) substrate provide a number 
of advantages compared to powdered catalysts. Catalytic coatings 
supported onto channel walls show a very low pressure drop. The 
substrate allows to reduce the hot spot in an exothermic reaction by 
additional heat removal mechanism via conduction. This prevents catalyst 
deactivation due to high temperature sintering of an active component 
during a reaction or regeneration step. 
The hydrothermal synthesis [58,164] is the most promising method to 
obtain binder-free zeolite coatings for the application in the methanol-to-
hydrocarbon (MTH) reaction. This method provides higher catalytic 
loadings and a direct thermal contact between the coating and the 
substrate as compared to slurry deposition. In this chapter, a method of 
zeolite coating synthesis was adopted onto microreactor plates with semi-
circular microchannels following the approach originally presented in [159]. 
The synthesis procedure included the following steps: (i) deposition of a 
thin titania coating, (ii) UV-treatment of the substrates prior to the synthesis 
and (iii) the hydrothermal synthesis.  
The effect of synthesis conditions (Si/Al ratio, synthesis time, H2O/Si ratio) 
on zeolite will be discussed. The aim is to obtain ZSM-5 coatings with a 
thickness in the range 5-30 m and the Si/Al ratios in the range of 20-60. 
The coatings obtained are characterised with XRD, BET, SEM and EDX. 
The effect of design parameters on the yield of the C8-11 hydrocarbons and 
deactivation kinetics will be studied. The ZSM-5 coatings will also be 
compared with pellets in a tube reactor in the MTH reaction. 
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4.2 ZSM-5 powder catalyst 
4.2.1 Optimisation of synthesis conditions 
This study takes a literature recipe [165] as a starting point where the 
growth of ZSM-5 crystals on a molybdenum (Mo) substrate was carried out. 
Among synthesis precursors, TPAOH was selected as a structure directing 
agent (template) for the formation of ZSM-5 with high crystallinity and large 
surface area comparing to other templates [166]. A low amount of TPAOH 
would result in the formation of an amorphous phase while excessive 
TPAOH concentration gives elongated crystals that are unlikely to be of 
high crystallinity [159]. For the silica source, TEOS was selected based on 
its ability to make ZSM-5 with high crystallinity and a high surface area 
compared to other silica sources (e.g. colloidal silica, sodium metasilicate) 
[167]. Sodium aluminate was selected as the aluminium  source because 
it could provide small crystals with high crystallinity compared with other 
sources [168,169]. ZSM-5 powder samples will be called as ZSM-(Si/Al)-
(Crystal size) and respective coating samples ZSMC-(Si/Al)-(Crystal size). 
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4.2.1.1 Effect of synthesis time 
The Si conversion was calculated as a molar ratio between Si in the zeolite 
and Si in the precursor. The conversion reaches 35% in 24 h and then 
remains at a 45% level (Figure 4.1). It could be speculated that the 
nucleation stage is completed in a very short time due to the high 
crystallization temperature (140 oC). In the subsequent crystallization stage, 
crystals start to grow and their growth rate is determined by the 
composition of initial synthesis mixture. This gives a fast rise in the Si 
Table 4.1. Synthesis parameters of ZSM-5 samples 
Sample code Synthesis 
time (h) 
Si/
Al 
H2O/
Si 
Crystal 
size 
(µm) 
Coating 
thickness 
(µm) 
Relative 
crystallinity 
(%) 
ZSM-20-0.50 24 20 30 0.50 - 78 
ZSM-20-0.84 48 20 30 0.84 - 91 
ZSM-20-1.04 72 20 30 1.04 - 100 
ZSM-20-1.14 96 20 30 1.14 - 88 
ZSM-20-1.20 120 20 30 1.20 - 80 
ZSM-20-0.40 24 20 25 0.40 - 75 
ZSM-20-1.07 24 20 35 1.07 - 82 
ZSM-30-1.10 48 30 30 1.10 - 79 
ZSM-40-1.70 48 40 30 1.70 - 102 
ZSM-50-2.40 48 50 30 2.40 - 103 
ZSM-60-2.60 48 60 30 2.60 - 102 
 
 
Figure 4.1. Si conversion in a synthesis mixture with Si/Al=20 as a function 
of synthesis time (T=140 oC) 
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conversion in the range of 16-24 h.  After this point, further crystallization 
time results in slower  particle growth until they reach a crystallization 
equilibrium [166]. This result is in agreement with the work of Hu et al. who 
observed increasing crystal size at low temperature along crystallization 
time but no change in crystal size after 24 h in a zeolite synthesis at 140 
oC [170].  
Figure 4.2 shows XRD patterns of zeolite powders obtained at different 
synthesis times. Main diffraction peaks at 23.18, 23.37, 23.79, 24.03, and 
24.50 o 2θ are characteristic for the MFI-type zeolites and confirm the 
formation of a ZSM-5 structure [159]. All diffraction peaks are almost 
identical and consistent with a standard ZSM-5 pattern reported [171]. The 
ZSM-20-1.04 powder sample was selected as the reference samples for 
its highest crystallinity. The relative crystallinity (Table 4.1) also confirms 
that highly crystalline ZSM-5 were produced and no phases other than 
ZSM-5 were detected even for a synthesis time of 120 h. 
 
Figure 4.2. XRD patterns of the zeolite powder samples ZSM-20-0.50 (24 h), 
ZSM-20-0.84 (48 h), ZSM-20-1.04 (72 h), ZSM-20-1.14 (96 h), ZSM-20-1.20 
(120 h)  
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The effect of synthesis time on crystal size of ZSM-5 catalyst was studied 
on samples with a Si/Al ratio of 20. Figure 4.4 shows the SEM images of 
the ZSM-5 zeolites obtained at a synthesis time of 24 h (Figure 4.4a) and 
120 h (Figure 4.4b). The crystal size of ZSM-5 increases to 1.0 µm in 72 
h and maintains around 1.1 µm as the synthesis time increases to 120 h 
(Figure 4.3). For synthesis at the high temperature of 140 oC, high 
crystallization rate could reduce the growth period when a longer synthesis 
time does not have a further impact on crystal size [170]. 
4.2.1.2 Effect of Si/Al ratio 
Crystal size 
The effect of Si/Al ratio on the crystal size was studied over a series of 
ZSM-5 zeolites with different Si/Al ratios in the range between 20 and 60. 
The average crystal size was observed to show an increasing trend with 
increasing Si/Al ratio (Figure 4.5) in line with previous data [78,172]. ZSM-
20-0.84 catalyst is observed to have a narrow crystal size distribution with 
 
Figure 4.4. SEM microphotographs of the ZSM-5 samples a) ZSM-20-0.50, 
b) ZSM-20-1.20 
 
 
Figure 4.3. The thickness of the zeolite coatings and crystal size of ZSM-5 
sample with Si/Al ratio of 20, H2O/Si ratio of 30 and different synthesis time 
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a standard deviation (SD) of 0.177 and an average value of 1.0 µm. The 
crystal size of ZSM-30-1.10 catalyst increases to 1.1 µm in a narrow 
distribution with a SD of 0.124. While increasing Si/Al ratio from 40 to 60, 
the average crystal size increases from 1.7 to 2.6 µm. A wider dispersion 
(SD=0.8) of crystal size in the ZSM-40-1.70, ZSM-50-2.40 and ZSM-60-
2.60 samples with lower Al content are observed. This could be attributed 
to the fact that new small crystals are formed (Figure 4.6e) and also larger 
crystals are formed during inter-crystal growth (Figure 4.6d). A possible 
explanation is that high Si content during crystal growth accelerates the 
completion of crystalline structure [166]. This effect could also result in a 
wide particle size distribution in these 3 samples (Figure 4.6e) due to an 
incomplete growth of some crystals. This result is also in line with the study 
by Chauhan et al. [71]. The Si/Al ratio will be optimised in the subsequent 
section based on the catalytic performance. 
 
 
 
 
Figure 4.5. Average value and distribution of crystal size of ZSM-5 powder 
samples with different Si/Al ratio 
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Porosity 
The nitrogen physisorption isotherms of all samples are classified by Type 
I (Figure 4.7). The early steep uptake in low relative pressure region 
(p/p0<0.01) is attributed to high microporosity in samples indicating the 
presence of microporous framework and high crystallinity. A flat region 
without hysteresis loop is observed at the high relative pressures 
suggesting the absence of the mesoporous structure, as also confirmed by 
a low mesopore volume of 0.03 cm3·g-1 (Table 4.2). The external surface 
area are found to follow a similar trend with increasing Si/Al ratio and crystal 
size except for the ZSM-60-2.6 sample. The external surface area 
increases from 121 to 222 cm3·g-1 with increasing Si/Al ratio to 50. The 
crystal size increases slightly which is in line with the literature data 
 
Figure 4.6. SEM image of ZSM-5 powder samples: a) ZSM-20-0.84, b) ZSM-30-
1.10, c) ZSM-40-1.70, d) ZSM-50-2.40, e) ZSM-60-2.60 
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[173,174]. The highest value of 600 m2·g-1 observed for sample ZSM-50-
2.40. The external surface area of ZSM-5 zeolite decreases with increasing 
crystal size [175,176]. The surface area does not follow a monotonous 
pattern as a result of two competing trends: increase in both crystallinity 
and crystal size with increasing Si content.  
 
Table 4.2. Textural properties of ZSM-5 samples 
Sample code Sext  (m2·g-1) Vmicro (cm3·g-1) Vmeso (cm3·g-1) 
ZSM-20-0.84  121 0.120 0.020 
ZSM-30-1.10 178 0.144 0.029 
ZSM-40-1.70 163 0.163 0.027 
ZSM-50-2.40 222 0.230 0.024 
ZSM-60-2.60 114 0.102 0.027 
 
 
Figure 4.7. Isotherms of nitrogen adsorption and desorption of ZSM-5 
samples a) ZSM-20-0.8, b) ZSM-30-1.1, c) ZSM-40-1.7, d) ZSM-50-2.4, e) 
ZSM-60-2.6 
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Acidity 
The distribution of acid sites of ZSM-5 catalysts with different Si/Al ratios 
was determined by pyridine-TPD. The desorption patterns over the 
samples show a typical low temperature peak (LTP) at 150-300 oC and a 
high temperature peak (HTP) above 450 oC (Figure 4.8). These result are 
in line with the reported literature data [177].The same terminology in 
describing different acid sites is applied as introduced by Shirazi [78]. The 
LTP and HTP correspond to the weak and strong acid sites, respectively. 
They both show decreasing trend as the Si/Al ratio increases, which is 
attributed to the decrease of both framework and extra-framework 
aluminium  sites[78]. The total amount of pyridine adsorbed weak and 
strong acid sites over ZSM-5 catalysts with different Si/Al ratios is 
calculated and listed in Table 4.3. In line with literature [18], this result 
shows the decreasing total acidity of ZSM-5 samples with increasing Si/Al 
ratio. 
 
Figure 4.8. Pyridine-TPD thermograms obtained at 125-550 oC over ZSM-5 
catalysts with the increasing Si/Al ratio  
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In order to distinguish different acid sites, TPD spectra were measured by 
increasing the starting temperature (125,175,225 oC). For example, the 
curves for the ZSM-20-0.8 sample is shown in Figure 4.9a. Two desorption 
peaks at low temperature (LTP1 and LTP2) and a HTP are observed. The 
amount of each type of acid site is estimated by subtracting the two 
adjacent curves in Figure 4.9a. Within each of the 125-175, 175-225 and 
225-550 oC segment, the acid sites are assumed to have an identical 
strength.  The area of each peak represents the amount of acid sites with 
certain strength. The segment A (125-175 oC) representing the amount of 
weak acid sites, clearly decreases as Si/Al ratio increases from 20 to 60. 
Table 4.3. Pyridine-TPD for different type of peaks for ZSM-5 with different 
Si/Al ratios 
Sample code 
Total acidity 
(mmol·gcat-1) 
LTP A 
(mmol·  
gcat-1) 
LTP B 
(mmol·  
gcat-1) 
HTP C 
(mmol·  
gcat-1) 
ZSM-20-0.84  0.793 0.452 0.058 0.283 
ZSM-30-1.10 0.538 0.372 0.045 0.121 
ZSM-40-1.70 0.407 0.258 0.038 0.111 
ZSM-50-2.40 0.327 0.224 0.064 0.039 
ZSM-60-2.60 0.237 0.091 0.029 0.117 
 
  
Figure 4.9. a) Desorption profiles at different starting temperature over the 
ZSM-5 catalyst with Si/Al ratio of 20. b) Differential curves of pyridine-TPD 
thermograms between two adjacement starting temperatures in Figure 4.8 over 
the samples with the increasing Si/Al ratio. 
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The segment B (175-225 oC) does not show clear trend with increasing 
Si/Al ratio. The segment C also shows a decreasing trend, indicating 
decrease in the amount of strong acid sites. As reported by Jin and Li [178], 
the acid sites that desorbs pyridine molecule at low temperature below 200 
oC consist both weak Bronsted acid sites and weak Lewis acid sites, which 
corresponds to the A segment in Figure 4.9b. A shift of the segment A to 
higher temperatures (Figure 4.9b) indicates the existence of aluminium in 
extra-framework positions[78]. Segment B represents Lewis acid sites 
which desorbs pyridine at 200-300 oC. The segment C classified as strong 
Bronsted acid sites is observed over 450 oC. However this segment could 
not be fully captured due to the heating limitation on the quartz reactor. As 
similar to the segment A, the amount of acid sites in the segment C 
decreases as Si/Al ratio increases. The strong Bronsted acid sites are also 
determined as the key acid sites catalysing methanol conversion. A 
decrease in their number was reported to result in almost the same 
decrease in methanol conversion [179].The large width of segment C 
indicates a rather wide acidity spectrum for strong Bronsted acid sites in 
line with the previously reported microcalorimetry data [180].  
4.2.1.3 Effect of H2O/Si ratio 
The water content in the synthesis solution is another key factor that has a 
major influence on the zeolite particle size. A low supersaturation 
decreases the concentration of structural template and the solubility of 
silica and aluminium species which eventually leads to large particles [166]. 
The effect of H2O/Ai ratio on the crystal size was studied by diluting the 
synthesis mixture to different levels (H2O/Si=25-35). The SEM images of 
zeolite catalysts after hydrothermal synthesis are shown in Figure 4.10. 
The corresponding particle size distribution is shown in Figure 4.12. When 
the H2O/Si ratio increases from 24 to 35, the average crystal size of ZSM-
5 samples increases from 0.4 to 1.1 µm. A narrow distribution of crystal 
size with a low SD of 0.052 µm was observed on the ZSM-20-0.40 sample 
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while this value increases to 0.210 and 0.370 when the mixture is further 
diluted by water (ZSM-20-0.40 and ZSM-20-1.07) respectively. In the 
synthesis solution with lower water content, the higher alkalinity leads to 
the formation of more crystal nucleus, which in turn results in small crystal 
size [175]. However some of these particles are amorphous (Figure 4.10a). 
Low water content in the synthesis solution increases in the possibility of 
forming structures other than MFI [181]. With higher dilution ratio, larger 
crystals were synthesised (Figure 4.10c). The wide distribution of crystal 
size in samples obtained from diluted solutions indicates low nucleation 
and crystallization rates due to decreased dissolution of the nutrient pool 
at low saturation [166,182].  
 
 
Figure 4.10. SEM images of samples a) ZSM-20-0.40, b) ZSM-20-0.84, c) 
ZSM-20-1.07 
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4.2.3 Catalytic performance 
4.2.3.1 Effect of Si/Al ratio and crystal size 
Synthesised ZSM-5 powder samples with different Si/Al ratio were tested 
in the MTH reaction to study the influence of Si/Al ratio and crystal size on 
catalytic activity. In Figure 4.12, an initial methanol conversion above 80% 
was observed over all samples. An increase in methanol conversion occurs 
at the initial stage of the reaction as could be seen in the insert. This delay 
of initial equilibrium between oxygenates and hydrocarbons could be 
caused by internal diffusion limitations in larger crystals. This diffusion 
limitation could form an initial methanol ‘by-pass’ around crystals and 
consequently results in slightly lower methanol conversion. Deactivation of 
the catalyst is mainly caused by the formation of carbonaceous residues 
on the surface and inside pores covering acid sites. They are commonly 
known as coke composited by polyaromatic hydrocarbons [183]. It is also 
a complex process due to factors like topology, crystal size, defects, 
strength and density of Brønsted acid sites which have been proposed in 
 
Figure 4.11. Crystal size distribution of powder samples ZSM-20-0.40, ZSM-
20-0.84 and ZSM-20-1.07 
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literature [184,185]. The deactivation for the sample with Si/Al ratios of 20 
and 30 starts after 20 h and terminates the reaction fully within 50 h. As the 
amount of acid sites is proportional to Al content in the zeolite, the high 
initial conversion but fast deactivation could be attributed to high acidity 
[79,97]. The ZSM-40-1.7 and ZSM-50-2.4 samples demonstrate stable 
catalyst activity in the first 100 h on. The ZSM-5 samples with high surface 
area (ZSM-50-2.4) (Table 4.2) could enhance the coke capacity, thus 
reduce the coking rate [175]. The other reason of improved stability is that 
the reduction of acidity could also limit the subsequent and unwanted 
conversion of olefins into heavier poly-aromatics and coke [79,186]. 
However, after 50 h, the sample with the lowest acidity (Si/Al=60) shows 
no catalytic activity to the desired products due to a low amount of total 
active sites and low coke capacity due to a relatively low surface area.   
  
 
 
Figure 4.12. Methanol conversion over ZSM-5 samples with different Si/Al 
ratios. (T=370 oC, P=0.4 bar, WHSV=1.5 h-1) 
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The initial conversion rate over all ZSM-5 catalysts is 44 mol·kgcat-1·h-1 in 
this study. The selectivity towards the C8-11 aliphatic and the C6-10A aromatic 
hydrocarbon fractions is shown in Figure 4.13. The selectivity towards C8-
11 gasoline fraction increases over larger crystals. The highest selectivity 
of 16% is observed at a Si/Al of 20 and 50. The increase of S8-11 over ZSM-
50-2.4 comparing ZSM-50-1.8 also suggests that longer diffusion path and 
contact time in a larger crystal could promote the formation of larger 
hydrocarbons according to the hydrocarbon pool build-up mechanism [187]. 
The selectivity towards C6-10 aromatics is shown to be mainly affected by 
Si/Al ratio. A high selectivity towards aromatics of 26% observed over 
samples with a Si/Al ratio of 20 is attributed to the strong acid sites 
favouring hydrogen transfer and aromatisation reactions, as previously 
reported for ZSM-5 catalysts with high Al content [173]. Longer diffusion 
distance and contact time in a larger crystal could also promote the 
formation of aromatics, which leads to high coking rate [26]. The formation 
of aromatics is reduced over the samples with higher Si/Al ratio due to a 
lower density of strong acid sites. For ZSM-60-2.6, the lowest density of 
acid sites results in a low S6-10A of 17%. High Si/Al ratio is preferred for the 
production of light olefins as reported in literature [188,189]. The formation 
of light hydrocarbons (C1-4) usually occurs with dealkylation of aromatics 
due to sterical restrains by an intermediate pore size in ZSM-5 structure 
[190].  
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To optimise the catalyst performance a design parameter (𝑓) is introduced 
which is defined as follows: 
𝑓 =
𝑆8−11,𝑖−𝑆8−11,𝑚𝑖𝑛
𝑆8−11,𝑚𝑎𝑥−𝑆8−11,𝑚𝑖𝑛
+
𝑆6−10𝐴,𝑚𝑎𝑥−𝑆6−10𝐴,𝑖
𝑆6−10𝐴,𝑚𝑎𝑥−𝑆6−10𝐴,𝑚𝑖𝑛
    (4.1) 
where 𝑆𝑖 is selectivity over each sample. The function has a value between 
0 and 2. A low value corresponds to high selectivity to aromatics and low 
selectivity to C8-11 gasoline fraction. As shown in Figure 4.13c, low 𝑓 value 
is mainly observed for sample with low Si/Al ratio and small crystal size 
which provides higher S6-10A and lower S8-11. A high 𝑓 value appears over 
samples with Si/Al ratios of 40-50 and large crystal sizes. These ZSM-5 
samples could provide higher S8-11 whereas considerably lower S6-10A. The 
highest 𝑓 value of 1.36 is observed over the ZSM-50-2.4 sample which 
 
Figure 4.13. Hydrocarbons selectivity towards a) C8-11, b) C6-10A plot in MTH 
reaction over ZSM-5 samples and c) weighing function with different Si/Al 
ratios and crystal sizes (T=370 oC, P=0.4 bar, WHSV=1.5 h-1) 
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gives the most preferable selectivity in MTH reaction. Therefore this 
sample was chosen for the study on zeolite coatings. 
4.2.3.2 Effect of residence time 
In order to explore the effect of reaction conditions on the activity and 
selectivity of the ZSM-5 catalysts, a series of experiments at a WHSV in 
the range of 0.7-20 h-1 and a pressure in the range in the range of 1 to 4 
bar were performed.  
 
Figure 4.14. Colour contour displaying selectivity towards four hydrocarbon 
fractions and the weighing function of selectivity in MTH reaction at different 
WHSV and pressure (T=370 oC) 
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In Figure 4.14, the selectivity towards different fractions is presented by 
colour contour from blue to red (low to high) as a function of methanol 
WHSV and reaction pressure. The highest selectivity towards the gaseous 
product of 54.9% is observed at 1 bar and a WHSV of 20 h-1 when the 
residence time is 0.1 s. The selectivity to C1-4 clearly decreases with 
decreasing WHSV and with increasing pressure and the residence time. 
The lowest S1-4 is observed at a methanol pressure of 4 bar when the 
formation of the liquid product is favoured due to increased residence time. 
The lighter hydrocarbons could undergo oligomerisation, cyclisation, 
aromatisation, aromatic methylation, hydrogen transfer and aromatic 
dealkylation to gradually build up to larger products with longer residence 
time [173]. Therefore, at low pressure and high feed rate, the C1-4 fraction 
might be flushed out of the catalyst before these products diffuse further 
into the crystal, resulting in high S1-4. As for the C5-7 fraction, the selectivity 
is increased with increasing WHSV. The formation of the C8-11 fraction is 
clearly favoured at the higher pressures with the highest value of 18.6% at 
a pressure of 4 bar. In industrial processes, the reaction is performed at a 
pressure above 20 bar [191]. At a low pressure at 1 bar, an increase in flow 
rate of methanol could decrease the formation of C8-11. The selectivity 
distribution towards C6-10A has a similar pattern as C8-11 with the lowest 
value of 9.3% at a pressure of 1 bar and a WHSV of 20 h-1. However, the 
highest S6-10A value is observed at a pressure of 1 bar and a WHSV of 1 h-
1 when the residence time has the highest value of 8.4 s. This suggests the 
effect of contact time is more pronounced as compared to reaction 
pressure. The design function shows that the highest pressure and 
moderate methanol flow rate is desirable for high selectivity to the C8-11 
gasoline product in the MTH reaction over ZSM-5 catalyst (Figure 4.14).  
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The selectivity of hydrocarbon fractions was previously reported to be 
effected by residence time of methanol in catalyst pores [192]. The 
selectivity towards four hydrocarbon fractions is plotted in Figure 4.15 as 
a function of residence timeThe selectivity of hydrocarbon fractions was 
previously reported to be effected by residence time of methanol in catalyst 
pores [192].. At a very short residence time, the selectivity towards C1-4 is 
60% with C5-7, C8-11 and C6-10A fractions of 30, 10 and 10% respectively. As 
the residence time increases, lighter hydrocarbons are consumed while C8+ 
aliphatics and aromatics start to build up. Beyond a residence time of 3 s, 
any further increase in the residence time does not influence the selectivity 
distribution. The equilibrium mixture consists of the C1-4 (40%), C5-7 (22%), 
C8-11 (15%) and C6-10A fractions (22%). The formation of large molecules 
could be restrained by pore volume and channel dimensions in spite of long 
residence time and the presence of hydrocarbon-pool intermediates. This 
finding is in line with the study by Wan et al. who claimed that the highest 
C5+ gasoline selectivity could not be reached in the largest ZSM-5 crystals 
even with a long residence time [173]. 
 
Figure 4.15. Selectivity distribution at different residence time in ZSM-5 
catalyst in MTH reaction 
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4.2.3.3 Deactivation model 
The deactivation of ZSM-5 catalysts in a MTH reaction could be described 
as a loss of active catalyst, or equivalently a reduction of the effective 
contact time with time on stream reported by Janssen [192]. The 
deactivation could be modelled with two key factors, the deactivation rate 
coefficient ( 𝑎 ) and the first-order reaction rate constant ( 𝑘 ). The 
deactivation model is described in following equations where the 
deactivation rate is proportional to the methanol conversion. The methanol 
conversion is finally expressed as a function of time.  
𝑑𝜏
𝑑𝑡
= −𝑎𝑋         (4.2) 
𝑑𝑋
𝑑𝑡
= 𝑘(1 − 𝑋)        (4.3) 
𝑋 =
(exp(𝑘𝜏0)−1) exp(−𝑘𝑎𝑡)
1+(exp(𝑘𝜏0)−1)exp(−𝑘𝑎𝑡)
· 100%      (4.4) 
𝑡0.5(ℎ) =
ln (exp(𝑘𝜏0)−1)
𝑘𝑎
=
𝜏0
𝑎
       (4.5) 
𝜏 is the contact time. X is the methanol conversion. 𝜏0 stands for the initial 
contact time when the catalyst is fully active. 𝑡0.5 is defined as the lifetime 
of a catalyst when the methanol conversion reaches 50%.  
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By fitting all experiment data into above deactivation model, the 
deactivation coefficient and the first-order reaction rate is obtained in Table 
4.4. The calculated methanol conversion is compared to the measured one 
in Figure 4.16. The calculated conversion over all ZSM-5 catalysts shows 
great fitting with the measured conversion in the deactivation period except 
for the ZSM-50-2.40 catalyst. The ZSM-20-0.84 and ZSM-30-1.10 sample 
display similar deactivation behaviour with the deactivation coefficient of 
0.54 and 0.66. For the ZSM-40-1.70 and ZSM-60-2.60 samples, the 
deactivation coefficient decreased to 0.14 and 0.22 respectively. The 
longest lifetime is observed over the ZSM-50-2.40 sample which did not 
deactivate in 200 h so a deactivation coefficient could not be calculated. 
An estimation of its deactivation coefficient is obtained as 0.05 by iteration 
method. Though the assumption of first-order reaction is rough for the 
complex autocatalytic reaction [193], this deactivation model gives a 
qualitative indication to compare the activity and deactivation behaviour of 
ZSM-5 catalysts. 
 
Figure 4.16. Comparison of the calculated methanol conversion (solid line) with 
measured methanol conversion (open symbols) with time on stream over ZSM-5 
catalysts with different Si/Al ratios at 370 oC and 4 bar. 
Table 4.4. Calculated values of the rate constant, deactivation coefficient and 
conversion capacity for ZSM-5 catalysts (W0=0.1 g, 𝜏0=110 g·h·mol
-1) 
Sample t0.5 (h) k (mol·gcat-1·h-1) a (mmol·g-1) 
ZSM-20-0.84  39 0.13 0.54 
ZSM-30-1.10 32 0.15 0.66 
ZSM-40-1.70 147 0.14 0.14 
ZSM-50-2.40a - - <0.05 
ZSM-60-2.60 97 0.15 0.22 
a. No deactivation behavior was observed over the ZSM-50-2.4 catalyst in 200 h  
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4.2.3.4 Coking analysis 
The experiments at different times on stream of 0.5, 4.0, 6.0, 6.5 and 9.0 
hours in the MTH reaction (vertical lines in Figure 4.17) were performed to 
monitor the deactivation kinetics. These particular time intervals were 
chosen to get the samples with different degree of deactivation: during a 
stable operation (s0.5h), in the beginning of rapid deactivation (s4.0h), during 
deactivation (s6.0h, s6.5h) and after full deactivation (s9.0h). 
Figure 4.18a shows TPO profiles of spent catalysts after different times on 
stream. It can be seen that the activation energy for CO2 formation 
increases with the reaction time as the maximum of CO2 peaks shifted to 
higher temperatures. Our reference study showed that CO2 desorption in 
the H-ZSM-5 zeolite occurs below 200 °C, the oxidisation of hydrocarbons 
happens between 200 and 500 °C, while graphitic coke oxidises at higher 
temperatures. Hence, the profiles obtained were split into these three 
temperature ranges and analysed based on the MTH reaction time as 
shown in Figure 4.18b. The total amount of coke quickly increased to 
about 2 mmol·g-1 and remained virtually the same during the reaction. The 
 
Figure 4.17. Methanol conversion and product selectivities in MTH reaction 
over ZSM-50-2.4 (T=370 oC, WHSV=14 h-1, P=3.0 bar) 
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coke content further increased only after full catalyst deactivation, likely, 
due to the formation of coke on the external surface of the catalyst. 
However, the nature of the coke changed in the course of the reaction. A 
marginal increase in graphitic coke occurred during the first 4 h when 
product selectivities remained similar (Figure 4.17). However, when the 
formation of C8-11 fraction was suppressed, the amount of the graphitic 
coke increased, while the amount of adsorbed hydrocarbon species 
decreased.  
The coke formation model from literature assumes that the coke is formed 
first inside the catalyst pores followed by coking of the catalyst surface 
[183,194]. At the very initial reaction stages, the coke amount quickly 
increased creating hydrocarbon pool providing several pathways for the 
conversion of methanol. During the reaction, aromatic molecules inside the 
catalyst pore condensed, but the total amount of coke barely increased. 
When several channels of the three-dimensional structure of ZSM-5 were 
blocked by coke, quick deactivation started accompanied with the 
conversion of all hydrocarbons into graphitic coke. This process resulted in 
a minor increase in the total coke content, but a substantial increase in the 
graphitic coke amount.  
After 6 h on stream, methanol conversion decreased resulting in the 
decrease in the formation of larger hydrocarbon fractions (C5+) in the s6.0h 
and s6.5h samples. However, the difference in coke content was very minor, 
 
Figure 4.18. a) TPO profiles of deactivated zeolite samples after different 
time on stream, b) CO2 release from deactivated zeolites at different 
temperature range during TPO 
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likely because a gradual decrease in pore availability at some point led to 
a blockage for C8-11 molecules. Therefore, selectivity towards lighter 
hydrocarbons increased. Quickly afterwards, only smaller pores accessible 
to C1-4 remained, which was accompanied by minor changes in coke 
characteristics. After full deactivation, i.e. when zeolite provided only 
external surface to form the equilibrium mixture of methanol and DME, the 
amount of coke increased forming mainly graphitic coke on the external 
surface.  
4.3 ZSM-5 coating catalyst 
4.3.1 Optimisation of synthesis conditions 
4.3.1.1 Effect of plate pretreatment 
To provide better adhesion of zeolite coatings on substrates, the surface 
roughness and hydrophilicity of substrates were increased prior to 
hydrothermal synthesis. XRD patterns (Figure 4.19) of ZSM-5 coating on 
a blasted substrate shows similar crystallinity as the coating on a flat 
 
Figure 4.19. XRD patterns of coating samples with different pretreatment and 
reference patterns of ZSM-5 catalyst 
70 
 
substrate. The relative crystallinity of sample is defined as the ratio 
between the area of peaks at 2 of 20-25o to the one of the reference 
sample. From the intensity of characteristic peaks between 20-25o 2, it 
can be concluded that ZSM-5 coating on UV pre-treated, blasted substrate 
exhibits a higher relative crystallinity of 100% while it is only 71% on the 
substrate without UV treatment. After UV treatment, the TiO2 layer 
becomes super hydrophilic  [195,196]. Strong peaks from the stainless 
steel substrate suggest a low coating thickness on flat substrate. These 
results indicate a thick and uniform coating formed on blasted substrates 
where nucleation is preferable at higher roughness. 
4.3.1.2 Effect of synthesis time 
XRD patterns of a zeolite coating obtained at a Si/Al ratio of 20, an H2O/Si 
ratio of 30 and the synthesis time in the range of 24-120 h are shown in 
Figure 4.20. These patterns agree with the XRD patterns of the 
corresponding crystals without other phases formed on a stainless steel 
plate. The ZSMC-20-1.04 sample obtained with a synthesis time of 72 h is 
selected as the reference sample for its highest crystallinity. These data 
demonstrate that zeolite coatings can be obtained using conventional 
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hydrothermal synthesis without the introduction of zeolite seeds on the 
substrate. A few lattice plane orientations with Miller indices including the 
main peaks (501) and (051) at 2θ 23.18o are observed in coating 
synthesised for 24 h (Figure 4.20). For the synthesis of 72 h, the main 
characteristic peaks (151), (303) and (133) in the 2θ range of 23-25o 
indicates the formation of highly crystalline ZSM-5 coating.  
 
Figure 4.20. XRD patterns of zeolite coating on substrates obtained in 
different synthesis time (*: reflection of stainless steel) 
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Using this seedless method, zeolite coatings were obtained on stainless 
steel microreactor plates with the semi-circular microchannels (Figure 
4.21). The coating was very uniform and contained no uncoated areas. A 
cross-sectional view is also shown in the insert figure in Figure 4.21.  
The effect of synthesis time on coating thickness obtained on stainless 
steel plates and crystal size of ZSM-5 are presented in Figure 4.3. The 
thickness increased up to the synthesis time of 72 h, which was likely 
caused by the build-up of the zeolite nuclei from the precursor solution. For 
the synthesis time longer than 72 h, however, the average coating 
thickness decreased. The conversion of Si precursor, was always below 
50 %, which shows that the observed effect cannot be explained by the 
exhaustion of the precursors. A similar effect of stopped zeolite growth 
much earlier than the depletion of the precursor mixture was observed by 
Moor et al. and is likely caused by the achieved equilibrium between the 
dissolved and the formed crystalline zeolite species [197]. The crystallinity 
of zeolite decreases for higher synthesis time above 72 h, likely because 
zeolite crystals could be partially dissolved to form a new, 
thermodynamically stable, phase of the amorphous aluminosilicate or just 
a mixture of silica and alumina. This hypothesis is supported by the data 
reported by Jacobs et al. [198], who observed the formation of non-zeolite 
aluminosilicates at longer synthesis times. Therefore, it can be concluded 
 
 
 
Figure 4.21. SEM images of ZSM-5 coating on microchannel with cross-section 
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that the optimal synthesis time for the ZSM-5 zeolite coatings is 72 h from 
this study. 
4.3.1.3 Multi step synthesis 
Compared to a fixed-bed reactor with pellets, one of the drawbacks of 
microreactors with zeolite coatings is their low catalyst loading. This also 
predicts that the reactor could suffer from a low yield of hydrocarbons which 
could limit the subsequent scale-up. According to the effect of 
crystallization time studied in section 4.2.1, the growth of coating stops 
after 72 h due to the presence of crystallization equilibrium as discussed in 
section 4.2.2. In order to increase the coating loading on the substrates, a 
multi cycle synthesis coating should be performed by repeating synthesis 
procedures on the substrate with synthesised coating. A zeolite coating 
with a thickness of 65 µm was formed after 5 synthesis cycles. The cross-
section of this coating is shown in Figure 4.22a where the layers obtained 
in different synthesis cycles are clearly seen. The total thickness of the 
bottom two layers is 15 µm while the three top layers have a thickness of 
15 µm each (Figure 4.22b). The faster growth of coating in the subsequent 
synthesis cycles could be explained by seeded synthesis and the higher 
surface roughness due to zeolite particles present on the surface of the 
previous coating.  
However, a microporous ZSM-5 catalyst with a large coating thickness 
could experience internal diffusion limitations in MTH. Therefore, prior to 
catalytic tests, the maximum thickness of zeolite coating was calculated 
from the Thiele Modulus (Φ) using reaction rate data over a ZSM-5 powder 
sample. The Thiele modulus describes the relationship between diffusion 
and reaction rate in a porous catalyst where effective diffusivity (𝐷𝑒𝑓𝑓 ) 
accounts for the unavailable area for diffusion flux, tortuous path and pores 
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with varying cross-section area in a catalyst [199]. 100% utilisation of 
catalytic coating represents a situation where the observed reaction rate 
equals to the intrinsic reaction rate without diffusion limitation and the value 
of Thiele modulus is 0. On the contrary, a Thiele modulus of 10 represents 
a situation where only 10% of the catalytic coating is utilised effectively 
[200]. 
Φ = ℎ√
𝑘
𝐷𝑒𝑓𝑓
< 0.1        (4.6) 
𝐷𝑒𝑓𝑓 =
𝐷𝑚εδ
τ
= 4.87 × 10−8 (m2·s-1)     (4.7) 
 
 
Figure 4.22. a) SEM image of the cross-section of 5-layer coating and b) 
coating thickness as a number of synthesis cycles 
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where ℎ is the coating thickness, 𝑘 is the fisrt-order reaction rate constant 
obtained from experiments, 𝐷𝑚  is the molecular diffusion coefficient of 
methanol in nitrogen, ε is the porosity of catalyst, δ is the constrictivity 
describing transport process in porous media, τ  is the tortuosity as a 
property of tortuous curves in pore structure. These parameters are listed 
in Table 4.5. 
For the reaction rate observed over experimental results in section 4.2.3, 
the maximum thickness of the coating that could be accessible to the 
reactant is 47 µm. Therefore, thick zeolite coatings with a thickness above 
47 µm would suffer from internal diffusion limitations in the MTH reaction.  
Approaches aimed at increasing effective diffusivity such as introducing 
mesoporosity into zeolite could allow application of thicker coatings in the 
MTH reaction without diffusion limitations. However, with thick zeolite 
coatings, the hot-spot issue becomes more pronounced so further research 
including heat transfer modelling and modification of coating morphology 
is required as presented in the following chapter.  
 
Table 4.5. Parameters for Thiele modulus calculation 
Notation Description Value Reference 
Dm Molecular diffusion 
coefficient (T=643 oC and 
P=4 bar) (m2·s-1) 
~7.3×10-7 [257] 
ε Particle porosity 
(dimensionless) 
0.25i [This study] 
δ Constrictivity (dimensionless) ~0.8 [258] 
τ Catalyst tortuosity 
(dimensionless) 
3.0  [258] 
k Reaction rate constant (s-1) 0.224 ii [This study] 
i. Obtained from nitrogen physisorption 
ii. From experimental data over ZSM-5 powder catalyst 
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 4.3.2. Catalytic performance 
Microporous ZSM-5 zeolite with large particle size may experience 
diffusion limitations in the MTH reaction. As discussed earlier, a maximum 
coating thickness to avoid internal diffusion limitation is estimated to be 47 
µm at a temperature of 370 oC and a pressure of 4 bar. 
The catalytic performance of powder ZSM-5 sample and coating sample 
with the same composition was compared in the MTH reaction under the 
same conditions (Table 4.6). The conversion of methanol, overall reaction 
rate and selectivity towards the main hydrocarbon fractions over both 
samples are listed in Table 4.6. At similar conversion levels of 89.0% and 
83.3% for powder and coating respectively, it suggests that powder 
samples had no diffusion limitation at the operating conditions. The 
selectivity to light hydrocarbons is 58.4% over the coating, compared to 
43.9% over the pelleted catalyst. The selectivity towards C5-7 and C8-11 
gasoline fractions over the coating sample are both slightly lower than over 
the pelleted catalyst. The higher selectivity to light olefins as intermediates 
of reaction is anticipated due to shorter residence time in coating compared 
to one in pellets [201]. The shorter residence time of molecules in catalytic 
coating prevents the build-up of small molecules into larger fractions. The 
production of aromatic hydrocarbons, especially toluene and xylene over 
the pellets are around twice on comparing with the zeolite coating. This 
indicates that over zeolite pellets, in dual-cycle of hydrocarbon pool, alkene 
cycle is suppressed when more carbon takes part in the aromatic cycle 
involving methylation and demethylation of aromatics [202]. At a small 
characteristic dimension of zeolite coating, the possibility of re-adsorption 
Table 4.6. Initial conversion and selectivity over ZSM-5 catalyst in the MTH 
reaction (T=370 oC, WHSV of methanol=7.0 h-1, P=1 bar) 
Sample Conversion 
(%) 
S1-4 
 (%) 
S5-7 
(%) 
S8-11 
(%) 
S6-10A 
(%) 
ZSM-50-2.4 89.0 43.9 25.7 10.9 19.1 
ZSMC-50-2.4 83.3 58.4 21.7 10.1 9.6 
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of light olefins to form aromatics decreases due to a higher leak rate of 
smaller fractions [201]. This finding is in line with a previous report where 
the undesired aromatic production was suppressed at lower space time in 
zeolite coating deposited onto the inner walls of a monolith reactor [203]. 
 
4.4 Conclusions 
A series of ZSM-5 catalyst with different Si/Al ratios (20-60) and the mean 
crystal size ranging from 0.8 to 2.6 μm has been synthesized on AISI-304 
stainless steel substrates by hydrothermal synthesis. The coatings 
obtained have MFI structure without the presence of other phases. A higher 
Si/Al ratio in the initial sol gives larger mean crystal size. A higher H2O/Si 
ratio leads to larger crystal size with a wide crystal size distribution. 
Continuous coatings were obtained with an average coating thickness of 
14 µm. The crystallisation of ZSM-5 zeolite was stopped after 72 hours 
when the liquid phase was exhausted of Al species, even an incomplete 
conversion of Si species was observed. An increased catalyst loading up 
to 0.09 kg·m-2 was achieved by repeated synthesis resulting in a coating 
thickness of 60 µm.  
High Al content in the catalysts (Si/Al ratio below 30) resulted in a fast 
equilibrium between methanol and DME in the MTH reaction at 370 oC. 
These catalysts also showed a fast deactivation within 50 h on stream. The 
catalysts with Si/Al ratio above 50 showed an initial induction period over 
which an increase in catalyst activity was observed. They demonstrated 
improved stability with no deactivation for more than 80 h on stream. There 
exists an optimal catalyst composition with a Si/Al ratio of 50, a crystal size 
of 2.4 µm which could be obtained at a synthesis time of 72 h from a sol 
with a nominal composition of 50 SiO2: 1 AlO2: 6 TPAOH: 1500 H2O.  
The H-ZSM-5 catalyst with a Si/Al ratio of 50 provided the maximum yield 
of gasoline range hydrocarbons. The C8-11 selectivity increases to 18.6% 
at a pressure of 4 bar and a residence time of 3 s. Any further increase in 
residence time does not change the selectivity pattern.  While the C8-11 
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selectivity over the ZSM-5 coatings is slightly lower than over the powder 
sample with the same composition, the amount of undesired aromatic 
fraction was considerably reduced to 9.6% over the coatings as compared 
to 19.2% over the pellets. This illustrates that the application of thin zeolitic 
layers gives considerable potential for tailoring and optimizing the catalytic 
performance in the MTH reaction. 
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Chapter 5                                                                    
Post-synthesis modification of ZSM-5 catalysts 
5.1 Introduction 
It is well known that it is the acid site in zeolite that catalyses the MTH 
reactions [15, 94,104]. Fast deactivation in ZSM-5 catalysts with high Al 
content requires further modification to inhibit aromatisation and coke 
formation over strong acid sites. However, low Al content results in large 
crystal size that demonstrates internal diffusion limitations resulting in low 
catalyst utilisation. The acidity can be modified by a post-synthesis 
treatment with metal salts by replacing a proportion of protons at strong 
acid sites with metal ions [84,85,189]. This changes the product pattern 
and enhances the catalyst lifetime. Especially Ca-ZSM-5 catalysts were 
reported to show higher resistance against coke formation and hence an 
enhanced lifetime [204–207].  
Due to the low internal diffusion limitation in the microporous ZSM-5 
catalyst, the development of a micro-mesoporous zeolite structure has 
been investigated introducing mesoporosity in ZSM-5 crystals either by an 
application of a second structural agent [208] or by a post-treatment with 
an alkaline solution [209]. By introducing mesopores, the diffusion rates of 
the reactant and products in zeolite crystals can be considerably increased 
[210]. Mesoporous ZSM-5 catalysts have been reported to demonstrate 
better performance regarding both gasoline selectivity and lifetime 
compared to microporous zeolites under similar reaction conditions 
[94,211].  
In this chapter, the effect of Ca-exchange and alkaline treatment on 
morphology and catalytic activity of ZSM-5 (Si/Al=50) will be studied. The 
reaction conditions will be optimised to obtain the maximum yield of the C8-
11 gasoline hydrocarbons.  
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5.2 Calcium ion exchange 
5.2.1 Characterization 
XRD 
Effect of Ca ion exchange was carried out by exchanging protons by Ca2+ 
on commercial ZSM-5 (Si/Al=11.5). All Ca-NH4-ZSM-5 samples were 
analysed by ICP elemental analysis. Increase of Ca2+ to 1.0 M in the 
solution does not result in full exchange of NH4+ cations with Ca2+. This 
may be related to the fact that two sites should be positioned relatively 
close to each other in order to be replaced with a Ca2+ ion. This is rather 
unlikely in the samples with a low Al content. Therefore the full ion-
exchange capacity (50%) was not reached even from a very concentrated 
solution. The exchange ratio as a function of Ca2+ concentration was 
obtained (See appendix Table C1) and all Ca-ZSM-5 samples were 
referred to as Ca(x), where x is the exchange ratio in percentage.  
XRD patterns of Ca/NH4-ZSM-5 catalysts with different Ca content and a 
commercial NH4-ZSM-5 sample (Ca(0)) are presented in Figure 5.1. All 
 
Figure 5.1. XRD patterns of parent and Ca-ZSM-5 samples with different Ca 
ion-exchange ratio 
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characteristic peaks in the 5-50 o 2θ range are present indicating the high 
degree of purity of ZSM-5 zeolite (MFI structure) and the absence of CaO 
clusters. From the relative intensity of the strongest peaks in the 20-25o 2θ 
range, it can also be concluded that the Ca-exchange step does not 
influence the zeolite crystallinity.  
Pyridine-TPD 
Pyridine-TPD plots from different starting temperatures (125, 175,225 oC) 
were subtracted to obtain TPD plots for separated peaks with different acid 
strength (Figure 5.2). As defined in earlier chapter, segments A and B are 
LTPs and C is HTP. The range of those peaks are 125-300, 200-350, 250-
550 oC respectively. The acid strength is calculated from the integral of 
individual peaks (Table 5.1). The total acidity drops gradually with 
increasing Ca ion-exchange ratio due to the replaced protons. However, 
only HTP C shows similar trend with increasing Ca ion-exchange ratio. It 
drops from 0.94 to 0.56 mmol·gcat-1 when Ca ion-exchange ratio increases 
from 0 to 26% in the catalyst. For both LTP A and B, an optimum intensity 
 
Figure 5.2. Differential curves of pyridine-TPD thermograms between 125-175, 
175-225, 225-550 oC starting temperatures over the samples with the increasing 
Ca ion-exchange ratio. 
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was observed when Ca ion-exchange ratio approached to 19%. A shift of 
acid strength from HTP to LTP was observed when increasing Ca ion-
exchange ratio. Ca ion-exchange weakens the strong acid sites (HTP C) 
in line with the previous literature [206,207,212]. This also explains the shift 
and the increasing intensity of weak acid sites at LTP A and B when 
increasing Ca ion-exchange ratio from 0 to 19%. For Ca ion-exchange ratio 
at 26%, the Ca(26) sample shows reduction in total number of acid sites 
due to an excessive replace of Ca ion to protons.  
 
5.2.2 Catalytic performance 
Deactivation behaviour of Ca/H-ZSM-5 catalysts, obtained after calcination 
of the respective Ca/NH4-ZSM-5 catalysts, and the blank catalyst Ca(0) is 
shown in Figure 5.3. The conversion over the Ca(0) catalyst initiates at 83% 
and fast deactivation starts after 5 h. The deactivation is quite fast as the 
conversion drops to 30% within 8 h. A very similar deactivation behaviour 
is observed over the Ca(1) catalyst. The fast deactivation of both samples 
is attributed to the high acidity of zeolites with high Al content, as also 
reported together with high initial conversion by several groups [203, 211]. 
The deactivation over the Ca(10) and Ca(19) catalysts is much slower 
compared to the Ca(0) and Ca(1) samples. The conversion of methanol 
maintains above 80% for 10 h over the Ca(19) catalyst. It takes another 20 
Table 5.1. Pyridine-TPD for different type of peaks for ZSM-5 with different Si/Al 
ratios 
Sample 
code 
Total acidity 
(mmol·gcat-1) 
LTP A 
(mmol·gcat-1) 
LTP B 
(mmol·gcat-1) 
HTP C 
(mmol·gcat-1) 
Ca(0) 1.33 0.26 0.13 0.94 
Ca(2) 1.30 0.29 0.13 0.88 
Ca(19) 1.18 0.36 0.17 0.65 
Ca(26) 0.92 0.25 0.11 0.56 
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h for it to drop below 30%. With higher Ca content in the Ca(23) and Ca(26) 
catalysts, even faster deactivation is observed. As expected, with the drop 
in total acidity, the total catalytic activity is limited. This interplay between 
the two effects on deactivation behaviour during results in the existence of 
an optimal ion-exchange ratio in H-ZSM-5 zeolites. The catalyst lifetime 
(t0.3) of Ca-H-ZSM-5 catalyst is defined as the time on stream when the 
methanol conversion drops to 30%. As shown in Figure 5.4, the value of 
t0.3 is improved from 13 h over the Ca(0) catalyst to 28 h over the Ca(19) 
catalyst. Further increasing Ca exchange ratio to 26% leads to a decrease 
of lifetime to 5 h due to the insufficient amount of acid sites. The catalytic 
performance is quantified using Janssens deactivation model [192]. As 
discussed in Chapter 4, the model describes the first-order reaction rate 
and the deactivation coefficient for Ca ion-exchanged ZSM-5 catalysts 
(Table 5.2). The deactivation coefficient of the samples drops from 0.782 
in the parent ZSM-5 sample to a minimum value at Ca ion-exchange ratio 
of 19%. This could be attributed to the reduced strong acid sites observed 
in our pyridine-TPD results. The first-order reaction rate drops slightly from 
0.236 to 0.202 mol·gcat-1·h-1 indicating a decrease in catalytic activity due 
 
Figure 5.4. Lifetime of Ca-ZSM-5 with different Ca content 
 
Figure 5.3. Methanol conversion over Ca-ZSM-5 samples with different Ca 
exchange ratios (T=370 oC, P=1 bar, WHSV=3 h-1) 
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to reduced number of total acid sites. t0.5 calculated from the deactivation 
model also shows a similar trend with an optimum value for the sample 
Ca(19) as t0.3 which is obtained in the experimental. 
 
Figure 5.5. Selectivity of hydrocarbons over Ca-ZSM-5 with different 
exchange ratio 
Table 5.2 Calculated values of the rate constant, deactivation coefficient and 
conversion capacity for ZSM-5 catalysts (W0=0.1 g, 𝜏0=7.7 g·h·mol
-1) 
Sample t0.5 (h) t0.3 (h) k (mol·gcat-1·h-1) a (mmol·g-1) 
Ca(0) 10 13 0.223 0.738 
Ca(1) 10 13 0.236 0.769 
Ca(2) 11 16 0.212 0.700 
Ca(19) 14 19 0.219 0.542 
Ca(23) 7 14 0.211 1.183 
Ca(26) 4 9 0.202 2.079 
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The effect of Ca exchange ratio in Ca-H-ZSM-5 catalysts on products 
distribution was also studied (Figure 5.5). The selectivity towards C1-4 
fraction increases to 46% with increasing Ca content. The selectivity 
towards C5-7 decreases from 31 to 27% as the Ca2+ exchange ratio 
increases from 0 to 10%. On the contrary, the selectivity towards C8-11 
increases from 16 to 24%. In this range, Ca2+ has clearly promoted 
hydrocarbon pool build-up from light to heavy molecules. However a further 
addition of Ca2+ decreases the catalytic activity. The higher S8-11 of 24 and 
21% are observed over the Ca(10) and Ca(19) samples respectively. For 
these two samples, the aromatics production is also heavily suppressed 
comparing to either blank or Ca(26) samples. It should be mentioned that 
the Si/Al ratio of the blank sample is 11.5 and the aromatics is the main 
product over Ca(0) due to its high acidity. Low C6-10A selectivity and fast 
deactivation suggest that aromatic products have been instantly converted 
to poly-aromatics species which could result in production of smaller 
molecules due to narrowed channels and pores. Modified by small amount 
of Ca ions, strong acid sites are eliminated resulting in less coke precursors. 
This is confirmed by increasing smaller aromatics such as benzene, 
toluene and xylene. As a result, the lifetime was improved over the Ca(10) 
catalyst.  
Comparing the activity results with textual properties of these catalysts 
(Table 5.3), the shift in product distribution could be explained by changing 
pore size and specific surface area as more Ca is introduced in the 
Table 5.3. Textual properties of blank and Ca-ZSM-5 samples 
Sample SBET      
(m2·g-1) 
Smicro   
(m2·g-1) 
Smeso    
(m2·g-1) 
Vmicro 
(cm3·g-1) 
Vmeso 
(cm3·g-1) 
Ca(0) 388 293 71 0.13 0.066 
Ca(1) 358 288 61 0.12 0.055 
Ca(10) 330 256 53 0.10 0.042 
Ca(19) 275 170 37 0.09 0.029 
Ca(26) 279 216 10 0.09 0.010 
 
86 
 
catalysts. The reduction in the efficient dimensions of micropores due to 
the replacement of protons (0.02 nm) by larger Ca2+ ions (0.20 nm) [214], 
in confirmed by decreasing micropore volume in the Ca-ZSM-5 catalysts. 
The C8-11 selectivity reduces by half when Ca exchange ratio was 
increased from 10 to 26%. This is explained by loss of total acid sites 
catalysing hydrocarbon build-up. Much higher deactivation rates over the 
Ca(23) and Ca(26) catalysts are therefore observed.  
Regarding selectivity towards the target C8-11 fraction, both Ca(10) and 
Ca(19) catalysts show similar performance. When taking stability into 
consideration, the Ca(19) catalyst with the longest lifetime on stream in 
MTH reaction is considered to be an optimal catalyst. Therefore it could be 
concluded that Ca2+ exchange ratio in the range between 10 and 19% is 
optimal for the production of C8-11 fraction gasoline products.    
 
5.3 Desilication 
The desilicated samples will be referred to as Meso(x)-y, where index x 
stands for average diameter of pores and index y stands for crystal size of 
desilicated catalysts. The sample treated with a mixture of TPAOH and 
NaOH will be referred to as Meso(3.1)-2.4. The blank sample (ZSM-50-2.4) 
will be referred to as Micro(0.5)-2.4 since it has little mesoporous structure 
and mainly micropores with a diameter of 0.5 nm. The desilication method 
was adopted to H-ZSM-5 coatings in order to introduce mesoporosity and 
enhance their lifetime. Desilication was performed with a total 
concentration of OH- of 0.2 M. The coating samples will be called by two 
indexes representing the modification method and the coating thickness. 
For example, MicroC-10 is a microporous coating with a thickness of 10 
µm and Ca-MesoC-30 is the modified coating by the alkaline treatment 
followed by Ca ion-exchange with a coating thickness of 30 µm.  
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5.3.1 ZSM-5 powder 
An alkaline treatment of zeolite removes silicon species from the zeolite 
framework. The removal of silicon species forms mesopores with a 
diameter in the nanometre range. The surface area, pore size distribution 
and pore volume could be changed [89, 97]. The removal of framework Si 
and Al by a TPAOH solution was reported to be more moderate than a 
NaOH solution [215]. The presence of TPAOH in the treatment solution 
could lead to secondary crystallization of amorphous species and extra 
framework Si and Al in the zeolite [216]. Therefore the effect of the addition 
of TPAOH structuring template during alkaline treatment was also studied 
at a concentration of OH- of 0.2 M. A ratio of TPAOH/(NaOH+TPAOH) of 
0.4 was chosen in this study based on literature data [217].  
5.3.1.1 Characterisation 
The property summary of blank and desilicated samples are shown in 
Table 5.4.  
Table 5.4. Textural properties of blank and desilicated ZSM-5 samples 
Sample COH- Si/Ala SBET Smeso Vtot Vmesob ?̅? 𝐷1̅̅ ̅ 𝐷2̅̅ ̅ 
(mol·
L-1) 
(-) (m2·g-1) (cm3·g-1) (nm) 
Micro(0.5)-2.4 - 49.6 379 18 0.17 0.01 0.5 - - 
Meso(3.1)-2.4 0.2 44.7 346 116 0.19 0.09 3.1 3.7 6.6 
Meso(4.1)-2.4 0.1 45.3 318 46 0.18 0.07 4.1 3.6 - 
Meso(4.4)-2.4 0.2 31.9 357 88 0.21 0.10 4.4 3.7 8.7 
Meso(5.0)-2.4 0.4 19.4 544 85 0.30 0.10 5.0 3.7 10 
Micro(0.5)-1.1 - 28.9 507 69 0.18 0.03 0.5 - - 
Micro(0.5)-0.8 - 19.6 326 32 0.15 0.02 0.5 - - 
MesoC-30 0.2 - 383 66 0.18 0.04 2.7 - - 
a. Obtained by EDS-SEM 
b. Obtained by BJH method 
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XRD 
XRD patterns show preserved MFI structure for all ZSM-5 samples (Figure 
5.6). The desilication treatment does not influence the crystallinity of 
samples due to the local removal of Si from the zeolite framework. The 
microporous structure was preserved [209]. 
SEM 
Figure 5.7 clearly shows the difference between microporous and 
desilicated H-ZSM-5 samples. Smooth external surface is observed 
(Figure 5.7a) with clear edges of crystals. In the Meso(4.1)-2.4 sample  
(Figure 5.7b), roughness at edges of crystals is observed (Figure 5.7b) 
due to extraction of the framework Si and Al atoms. In Figure 5.7c, an 
increase in surface roughness could be seen on every crystal indicating 
the formation of mesopores. However, desilication at highly alkaline 
conditions (0.4 M) results in the formation of macropores with a diameter 
above 50 nm (Figure 5.7d). This effect could be explained by the fact that 
the  Si extraction rate is much faster than the rate of realumination resulting 
in larger and deeper pores [91]. These data are also in line with the nitrogen 
 
Figure 5.6. XRD patterns of microporous and desilicated H-ZSM-5 samples with 
mesoporous structure and ZSM-5 reference patterns 
 
Figure 5.7. SEM images of a) Micro(0.5)-2.4 and d silicated samples, b) 
Meso(4.1)-2.4, ) M so(4.4)-2.4, d) M so(5.0)-2.4 
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adsorption data over the Meso(5.0)-2.4 catalyst. It can be concluded that 
high alkalinity is not desirable in the desilication process because it would 
substantially reduce the total amount of catalyst. 
Nitrogen adsorption-desorption  
Nitrogen adsorption-desorption isotherms of mesoporous H-ZSM-5 
samples are shown in Figure 5.8. The blank microporous zeolite shows 
typical Type I adsorption isotherms while all desilicated samples show 
typical Type IV isotherms as defined by IUPAC nomenclature [218]. The 
isotherm of the blank sample shows a highly uniform distribution of pore 
size in the micropore range without noticeable mesoporosity. The 
hysteresis loops positioned in the range of relative pressure of P/P0 
between 0.4 and 1.0 in the isotherms of desilicated samples are due to 
capillary condensation of the nitrogen in mesopores [219]. These 
hysteresis loops could be assigned into H4 adsorption type which is 
characteristic for the narrow slit-like pores. Moreover, the parallel shift of 
both adsorption and desorption branches suggests the presence of open 
(cylindrical) mesopores connecting to the external surface [220]. The 
 
Figure 5.8. Nitrogen adsorption-desorption isotherms of micro-mesoporous 
ZSM-5 catalysts 
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Meso(3.1)-2.4 catalyst, obtained in the presence of TPAOH, shows the 
hysteresis loop of H2 type indicating the existence of a complex porous 
network and a wide pore distribution due to secondary crystallization of Si 
and Al atoms initially removed from the zeolite framework [221].  
The pore size distribution (Figure 5.9) confirms the microporous nature of 
the blank H-ZSM-5 catalyst and induced mesoporosity in the desilicated H-
ZSM-5 samples. There are no pores in the blank ZSM-5 sample in the 
mesoporous range. Two type of mesopores with different average 
diameters (D1̅̅ ̅ ,D2̅̅̅̅ ) are observed in the desilicated catalysts. Type 1 
mesopores are defined by a diameter of ca 4 nm while type 2 mesopores 
have a mean diameter above 8 nm (shown in the frame, see Figure 5.9). 
All desilicated samples show Type 1 mesopores with a D1̅̅ ̅ of 3.6 nm. The 
mesopore volume decreases in the order of Meso(5.0)-2.4> Meso(3.1)-2.4> 
Meso(4.1)-2.4> Meso(4.4)-2.4. The Meso(4.4)-2.4 and Meso(5.0)-2.4 
samples show the presence of type 2 mesopores with a diameter of 8.7 
and 10.3 nm respectively. With the addition of TPA+, the Meso(3.1)-2.4 
sample has smaller (type 2) mesopore diameter of 6.6 nm. The Meso(4.1)- 
 
Figure 5.9. BJH pore size distribution curves of the blank and desilicated 
ZSM-5 samples 
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2.4 c barely has any type 2 mesopores due to much lower concentration of 
alkaline solution. By increasing the alkaline concentration to 0.4 M, the 
amount of type 1 of mesopores increases while larger type 2 mesopores 
are also formed. The Meso(3.1)-2.4 sample obtained in the presence of 
TPAOH has remarkably  more type 1 mesopores and a much smaller 
amount of type 2 mesopores comparing to Meso(4.4)-2.4 obtained with the 
same total OH- concentration. This result indicates that the presence of the 
template introduces a much higher density of mesopores at a very narrow 
mesopore size range, without generating larger pores. These findings 
agree well with a previous study performed by Schmidt et al.  [97].  
As previously reported in the literature [97], the alkaline treatment could 
remove both framework silicon and aluminium atoms. The framework Si is 
more favourable to be removed in this process due to weaker Si-O-Si 
bonds in hydrolysis than Si-O-Al bonds [217]. Moreover, the negative 
charge of AlO4- tetrahedrals protects nearby Al and Si atoms against OH- 
attack by negatively charged hydroxyl ions [217]. Therefore, extraction of 
Si could be mild in zeolite with a low Si/Al ratio. As shown in Table 5.4, as 
the alkaline concentration increases to 0.2 M, the Si/Al ratio in desilicated 
samples drops to 31.9.  With the addition of TPAOH, a milder desilication 
is observed and the Si/Al ratio only drops to 44.7. The milder desilication 
happens due to the protecting reaction of TPA+ cations and recrystallization 
of Si and Al during desilication. The TPA+ cations have high affinity to the 
surface of ZSM-5 zeolite resulting in sealing off most of the external surface 
[222] and therefore preventing further diffusion of OH- ions. 
The concentration of NaOH in desilication process has a major effect on 
textural properties of the samples. There is a noticeable increase both in 
the surface area and the mesopore volume in the Meso(4.1)-2.4 sample  
obtained from the diluted NaOH solution. By increasing the pH, both the 
total pore volume and the mesopore volume increase to 0.302 and 0.107 
cm3·g-1 respectively. In the concentrated NaOH solution, the specific 
surface area increases to 544 m2·g-1 and both the total volume and the 
mesopore volume show a substantial increase to 0.302 and 0.107 cm3·g-1 
respectively compared to those obtained from the diluted solution. The 
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average pore diameter increases to 5.0 nm. Comparing the Meso(4.4)-2.4 
and Meso(5.0)-2.4 catalysts, it can be concluded that both the surface area 
and the total pore volume could be increased by 40% in the highly alkaline 
solution. However, the volume and the surface area of mesopores remains 
almost the same and the specific surface area of Meso(5.0)-2.4 even 
decreases. This suggests that larger macropores are formed that cannot 
be measured by BJH adsorption with its detection range of pores below 
300 nm. Influenced by the TPAOH addition, the surface area of mesopores 
increases by 2.5 times from 45.6 to 116 m2·g-1. A decrease in the average 
pore diameter suggests the formation of small mesopores (Figure 5.9). 
The textual properties of microporous H-ZSM-5 samples with the Si/Al 
ratios (20 and 30) are also listed in Table 5.4 for comparison.  
Pyridine-TPD  
Figure 5.10 shows the pyridine-TPD profiles in a range of 125-550 oC of 
the parent and desilicated ZSM-5 catalysts. For microporous ZSM-5 
catalysts, two distinct pyridine desorption peaks are observed in the 
profiles: a LTP at 150-300 oC and a HTP over 450 oC corresponding to the 
 
Figure 5.10. Pyridine-TPD profiles of parent and desilicated ZSM-5 powder and 
coating catalysts  
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weak and strong acid sites respectively. By comparing profiles of the 
sample Micro(0.5)-2.4 and Meso(4.1)-2.4, the HTP decreases while the 
LTP increases after the desilication treatment. With a higher NaOH 
concentration during desilication, the LTP shows a gradual increase. The 
increase in total population of acid sites is mainly caused by the formation 
of weak Lewis sites due to richer Al deposits [177,209]. All these results 
indicates that desilication treatment could either converts strong acid sites 
into weak acid sites, or improve accessibility of acid sites due to the partial 
removal of silica, affirmed by other authors [223]. A much stronger HTP 
emerges at 250-400 oC for the sample Meso(3.1)-2.4 desilicated by 
TPAOH/NaOH mixture when there is no observation of the HTP over 450 
oC. Its LTP at 150-300 is reduced comparing to the sample Meso(4.4)-2.4 
which is desilicated by 0.2 M NaOH only. The shift of HTP which indicates 
a weakened strong acidity is due to the Al redistribution under the 
protection effect by structural template against Al removal during 
desilication, which is also reported in literature [215]. The coating samples 
MicroC-10 and MesoC-30 show identical pyridine-TPD profiles as their 
powder counterparts Micro(0.5)-2.4 and Meso(4.4)-2.4 respectively.  
5.2.1.2 Catalytic performance 
The methanol conversion over the blank and desilicated samples is shown 
in Figure 5.11. Similar to the previous discussion, a methanol conversion 
of 30% is shown with a dash line. Based on Janssens’s deactivation model 
[192], both the highest first-order reaction rate of 4.84 mol·gcat-1·h-1 and 
deactivation coefficient of 0.884 mmol·g-1 are calculated compared to 
desilicated samples, which could be attributed to presence of strong acid 
sites. The methanol conversion drops to 30% within 4 h indicating a 
substantial fraction of micropores becomes inaccessible due to blockage 
by the strong adsorption of large molecules and carbon deposits. The 
deactivated catalysts show much lower deactivation coefficients in a range 
of 0.126-0.219 mmol·g-1 (Table 5.5). The catalyst lifetime (t0.3) is improved 
to 7.5 and14 h for the Meso(4.1)-2.4 and Meso(4.4)-2.4 sample repectively. 
However the Meso(5.0)-2.4 catalyst with larger mesopores shows a similar 
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lifetime of 12 h as the Meso(4.4)-2.4 sample. It is very clear that the 
formation of mesopores improves the mass transfer of large molecules 
 
Figure 5.11. Conversion of methanol over the blank and desilicated ZSM-5 
samples along time on stream in MTH reaction (T=370 oC K, WHSV=20 h-1, 
P=4 bar) 
 
Table 5.5. Calculated values of the rate constant, deactivation coefficient and 
turnover number (TON) for C8-11 fraction of ZSM-5 catalysts (W0=0.1 g, 𝜏0=1.15 
g·h·mol-1) 
Sample t0.5    
(h) 
t0.3    
(h) 
k                           
(mol·gcat-1·h-1) 
a                         
(mmol·g-1) 
TON for C8-11 
(g·gcat-1) 
Micro(0.5)-2.4 1.3 4 4.84 0.884 4.2 
Meso(3.1)-2.4 9.1 18 1.19 0.126 15.0 
Meso(4.1)-2.4 4.0 7.5 1.40 0.219 6.4 
Meso(4.4)-2.4 7.9 14 2.78 0.146 12.2 
Meso(5.0)-2.4 7.5 12 3.60 0.153 14.5 
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such as poly-aromatics in these zeolites and consequently improves the 
coke resistance. The lifetime for the Meso(3.1)-2.4 catalyst shows the 
highest value of 18 h among all samples. This improvement is explained 
by enhanced surface area, which is in a good agreement with several 
studies in MTP [217] and MTH reactions [99, 200]. The TPA+ surfactant 
molecules with positive charge and hydrophobic tails could self-assemble 
to micelles interacting with negatively charged zeolite framework during the 
alkaline treatment, which prevents formation of extra framework Al [225].  
The alkaline treatment could distinctly decrease the strength of strong acid 
sites which are responsible for the promotion of hydride transfer and 
cyclization reactions [217]. Consequently, the formation of aromatics from 
light olefins is suppressed, resulting in minimum amount of coke precursors 
and minimum deactivation [215,226]. Besides reduced acidity, structural 
properties including mean pore diameter and length would also attribute to 
the high resistance against coking of desilicated H-ZSM-5 [227]. Scheme 
5.1 demonstrates the interplay control of reaction rate by acidity and pore 
size. In the Micro(0.5)-2.4 catalyst, the micropores allocate sufficient 
density and amount of acid sites which provides high intrinsic reaction rate. 
However, the overall reaction rate is hindered by low diffusion of reaction 
 
Scheme 5.1. Reaction rate under diffusion and kinetic control in 
transformation from micropore to mesopore ZSM-5 zeolite 
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products out of catalyst pores. In other words, the overall reaction rate is 
governed by diffusion control. In the mesoporous catalysts, the number of 
acid sites decreased significantly due to fewer micropores while the 
diffusion rate of reaction products is improved by the presence of larger 
cavities and pores. In this case, the overall reaction rate and the ratio of 
products is governed by kinetic control where the overall reaction rate 
equals to the intrinsic reaction rate. A much higher effective diffusivity in 
the mesoporous catalysts also improves the selectivity towards larger 
molecules and minimises coke formation rate increasing the catalyst 
lifetime in the MTH reaction [228].  
The product distribution is shown in Figure 5.12. The selectivity changes 
with time on stream due to coke build-up [187]. The build-up of heavier 
hydrocarbons (both C8-11 and C6-10A fractions) may take several hours while 
smaller molecules are consumed through methylation and aromatisation 
pathways. The selectivity is not greatly affected by desilication which is in 
line with previously published data [229]. The selectivity to the C1-4 fraction 
of 54% is observed over all samples. The selectivity to the C5-7 products 
 
Figure 5.12. Selectivity of hydrocarbons over blank and desilicated ZSM-5 
samples obtained in MTH reaction at conversion of 50% 
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increased from 23 to 30% with enhanced mesoporosity. This is explained 
by reduced structural restrains for molecules formed inside the pores. 
Typical molecule size for the C5-7 paraffins is 0.42-0.71 nm [230]. Therefore 
larger molecules have very low diffusivity in the H-ZSM-5 micropores with 
a diameter of 0.55 nm. The selectivity to the C8-11 products is slightly lower 
in the desilicated samples when comparing to the microporous catalyst due 
to a decreased micropore length and residence time.  The aromatics 
fraction also drops from 11 to 8% with increasing mesopore size.  
 The yield of the target C8-11 fraction is shown in Figure 5.13. A higher yield 
of 7.5% was initially observed over the microporous sample as compared 
to the desilicated samples. However, the yield drops to 3% within 5 h on 
stream due to a fast drop in reaction rate. Over the desilicated samples, 
the C8-11 fraction yield of ca 5% remains rather constant for a considerable 
period of time, followed by a deactivation period. The duration of the stable 
yield period is in following order: Meso(3.1)-2.4> Meso(5.0)-2.4> 
Meso(4.4)-2.4> Meso(4.1)-2.4. The highest turnover number (TON) of 15.0 
is observed over the Meso(3.1)-2.4 catalyst obtained in the presence of 
TRAOH.  With the influence of the template, the framework Si and Al atoms 
 
Figure 5.13. Product yield of C8-11 fraction over blank and desilicated samples 
(T=370 oC, WHSV=20 h-1, P=2 bar) 
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are preserved and more active sites is present in the Meso(3.1)-2.4 catalyst. 
Increasing TON with increasing mesopore size also suggests that the 
reaction is in the transition regime between kinetic and diffusion controlled 
regimes (Table 5.5).  
 
5.3.2 Micro-mesoporous ZSM-5 coating 
5.3.2.1 Characterisation 
After the alkaline treatment, transport pores with a diameter of 5 µm were 
present in the coatings (Figure 5.14). This noticeable change is in line with 
the previously proposed formation mechanism of mesopores where Al 
atoms released from the zeolite framework form a protective shell of AlO4 
species to prevent massive dissolution [91]. The surface roughness 
increases as it was previously observed in the Meso(4.4)-2.4 sample 
(Figure 5.7c) indicating larger surface area. The smaller crystals exhibit 
higher resistance to desilication due to a lower gradient of Al atoms from 
the external to internal surface [231]. The micro-mesoporous ZSM-5 
coating has a mean pores size of 2.4 µm and a specific surface area of 383 
m2·g-1 (Table 5.4). After the alkaline treatment with a shorter time, the 
MesoC-30 catalyst shows higher specific surface area than either 
microporous sample or Meso(4.4)-2.4 catalyst.  However, the mesopore 
  
 
Figure 5.14. SEM images of coating sample MesoC-10 on its surface 
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surface area and volume reduces at the short treatment time. This 
suggests that in this micro-mesoporous catalyst, mesopores are mainly 
created near the outer surface while the alkaline solution may have limited 
access to the inner layer of coating.  
5.3.2.2 Catalytic performance 
The conversion of methanol over the microporous and hierarchical 
coatings is shown in Figure 5.15. An initial conversion of 80% is observed 
over the thin microporous coating (MicroC-10) indicating full catalyst 
utilisation and the absence of internal diffusion limitations. However, the 
initial conversion of methanol decreases to 45% over the thick H-ZSM-5 
coating (MicroC-30). Almost complete deactivation of both MicroC-10 and 
Micro-30 coatings occurs within 4 h on stream. It appears that the coke 
formation is preferably localised at the external layer of zeolite crystals. 
This hinders the diffusion of reactants into the inner coating layers [232]. 
The MesoC-30 coating shows a similar initial conversion as the 
microporous coating however it demonstrates a longer lifetime of 28 h. The 
 
Figure 5.15. Conversion of methanol over blank and modified coating 
samples (T=370 oC, WHSV=28 h-1, P=4 bar) 
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mesoporous structure has considerably improved utilisation of coating 
resulting in much higher conversion levels. The mesoporous network also 
facilitates the diffusion of heavier products and coke precursors leading to 
an improved lifetime in the MTH reaction. It should be noted that the ion-
exchanged Ca-MesoC-30 coating demonstrates much lower stability than 
the mesoporous MesoC-30. The Ca-MesoC-30 coating fully deactivates 
within 5 h on stream. This result is expected based on the similar effect of 
Ca ion-exchange and desilication on strong acid sites of catalysts. The 
strong acid sites (HTP over 450 oC in Figure 5.10) is suppressed by 
desilication. A following Ca ion-exchange treatment would only replace 
protons of weak acid sites. Therefore the additional Ca-exchange step 
results in a low amount of acid sites in the Ca-MesoC-30 coating and thus 
reduces its catalytic activity.  
In the subsequent experiments, the MTH reaction was carried out at a 
pressure of 1-4 bar and a WHSV in the range between 5 and 40 h-1 to 
optimise reaction conditions. The product distribution is considerably 
influenced by the methanol flow rate and reaction pressure. The selectivity 
to C1-4 above 50% was obtained at a high methanol flow rate due to a low 
residence time of product in the catalyst (Figure 5.16a) when light 
hydrocarbons are purged out of catalyst without further methylation. The 
formation of the C5-7 fraction was highly promoted by a higher pressure.  
The highest selectivity of 25.3% was observed at the highest pressure of 4 
bar (Figure 5.16b). It can be seen that both pressure and residence time 
play a major role on the C8-11 selectivity. The highest S8-11 of 18.5% was 
observed at 4 bar and a WHSV of 10 h-1. On the other hand, the C6-10 
aromatic hydrocarbons are preferably formed at a small WHSV of 5 h-1 
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when the residence time is much longer in the reactor indicating a different 
kinetic.  
Figure 5.16e shows the values of the design parameter given by Eq. 5.1 
as a function of reaction pressure and WHSV. The optimal conditions 
correspond to reaction pressure of 4 bar and a WHSV of 10 h-1 which 
provides the highest value of design parameter 1.4. In other words, these 
conditions provide the maximum yield of C8-11 fraction with the minimum 
formation of aromatics by-products.  
 
Figure 5.16. Product distribution of a) C1-4, b) C5-7, c) C8-11 and d) C6-10A in 
MTH reaction over the MesoC-30 coating under different conditions (T= 370 
oC) e) the values of the design parameter (Eq. 5.3) 
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The methanol conversion over the microporous and hierarchical (micro 
mesoporous) ZSM-5 coating and pellets was also compared (Figure 5.17). 
The initial methanol conversion of 95% was observed over both types of 
ZSM-5 pellets. The deactivation behaviour was similar for both ZSM-5 
coatings and pellets. Selectivity distribution (Table 5.6) shows that 
mesoporous structure improves selectivity to C5+ range products and 
reduces aromatics. However, the thin microporous coating, shows lower 
S8-11 due to short diffusion time in the porous network. With the presence 
Table 5.6. Summary of selectivity over ZSM-5 catalyst in different reactor 
(T=370 oC, WHSV=28 h-1, P=4 bar) 
Sample Porosity Catalyst 
form 
S1-4 
(%) 
S5-7 
(%) 
S8-11 
(%) 
S6-10A 
(%) 
Micro(0.5)-2.4 Microporous  Pellets 53.5 23.1 11.5 11.0 
Meso(4.4)-2.4 Micro-
mesoporous  
Pellets 49.1 27.7 12.7 9.2 
MicroC-10 Microporous  Coating 56.7 25.1 6.1 6.7 
MesoC-30 Micro-
mesoporous  
Coating 42.4 24.7 16.6 15.2 
 
 
Figure 5.17. Methanol conversion over micro and micro-mesoporous pellets 
(Solid symbols) and coatings (Open symbols) in MTH reaction (T=370 oC, 
WHSV=28 h-1, P=4 bar) 
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of mesopores and longer diffusion time in a thicker coating, the MesoC-30 
sample shows higher selectivity towards both C8-11 and C6-10A fractions. 
More aromatic is released from reaction with less formation of poly-
aromatics considering larger diffusivity in mesopores. The exact control of 
selectivity is further possible by adjusting reaction conditions. 
 
5.4 Conclusions 
It has been found that ion-exchange with Ca provides controllable Ca 
exchange ratio in Ca-H-ZSM-5 catalyst. The resulting catalysts exhibited 
similar structural and morphological patterns to the parent H-ZSM-5. By 
increasing the Ca content, the catalyst lifetime and selectivity to the C8-11 
hydrocarbons were considerably improved.  Ca-ZSM-5 catalysts with an 
exchange ratio in the range of 0.15-0.20 were found to be the most stable 
in the MTH reaction, maintaining an initial conversion level for over 7 h and 
having the highest selectivity of ca. 46% to the C8-11 gasoline fraction due 
to the presence of weak Brønsted acidity.  
Experimental evidence shows that the performance of mesoporous H-
ZSM-5 catalysts can be improved by regulating porous network. The 
presence of mesopores introduced by desilication with an alkaline solution 
enhanced effective diffusivity for larger hydrocarbons. The average 
mesopore diameter and volume as well as the surface area increased with 
increasing the concentration of the alkaline solution. Low catalyst loading 
was observed from a very concentrated alkaline solution due to a massive 
dissolution of ZSM-5 catalyst and the formation of larger macropores.  
While the selectivity to the C8-11 hydrocarbons did not change, a higher 
turnover number for the C8-11 fraction was observed over the desilicated 
samples. The presence of the structural template in the alkaline solution 
reduced the mesopore diameter and preserved the microporous ZSM-5 
structure. The longest lifetime and the highest TON for the C8-11 were found 
with a mean mesopore size of 3.1 nm and a crystal size of 2.4 µm. 
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The selectivity to gasoline fraction and the catalyst lifetime improves over 
ZSM-5 coatings as compared to pelleted catalysts. The meso-microporous 
H-ZSM-5 coatings with a thickness of 30 µm show a 5-fold increase in 
catalyst lifetime and two times higher selectivity to C8-11 fraction compared 
to the microporous coating with the same thickness and composition. The 
highest selectivity to gasoline range hydrocarbons of 18.5% with a 
minimum formation of aromatics by-products was obtained in the MTH 
reaction at a temperature of 370 oC at a pressure of 4 bar and a WHSV of 
10 h-1.  
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Chapter 6                                                              
Modelling of heat transfer in a microstructured 
reactor/ heat-exchanger 
6.1 Introduction 
In recent years microreactor technologies are being widely investigated in 
chemical process engineering to build microchannel devices, e.g. mixers, 
heat-exchangers, and reactors with advantaged capabilities as compared 
to those of conventional macroscopic systems. Microstructured heat-
exchangers were first developed in 1985 by Swift et al. [233]. Due to their 
high heat transfer area per unit volume, standalone microreactors and 
microstructured reactors combined with heat-exchangers (MRHE) have 
been favoured for exothermic reactions. Compared to conventional-sized 
reactors and heat-exchangers, overall heat transfer coefficient in 
microstructured devices could be up to 2 orders higher [234]. This is a 
characteristic feature of both microreactors and MRHEs and it could be 
beneficial for applications such as fast, highly exothermic reactions. The 
development of microreactors shows large promise when several unit 
operations are integrated with sensors and actuators to form a micro 
chemical plant [235]. These miniplants offer opportunities for small-scale 
fuel processing and portable power generation. 
Deactivation due to coking is one of the main reasons reducing catalyst 
lifetime in the MTH reaction. Temperature hot-spots could occur in a fixed-
bed reactor due to insufficient heat transfer to the environment. In adiabatic 
conditions, the reaction heat causes a temperature gradient over 600 K in 
the reactor. At a low temperatures, the MTH reaction yields mainly gasoline 
products (C1-4) that are of low commercial value. When shifted further up, 
the reaction temperature results in the formation of carbon deposits that 
are blocking micropores in the catalyst structure which leads to a fast 
catalyst deactivation. To better understand the hot-spot issue, a 
comprehensive reactor design was carried out in separated studies where 
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a reaction kinetic model is combined with a reactor heat transfer model 
[236–239].  
To support the reactor design, modelling will be indispensable. By means 
of modelling, the effect of different reactor operating conditions, such as 
reactor diameter and length, temperature and reactant flow ratio can be 
predicted, which can then be checked experimentally. In this chapter, a 
compact MRHE is designed to generate gasoline range hydrocarbons from 
methanol. The MTH reaction takes place on a surface of H-ZSM-5 catalytic 
coating. A simplified kinetic scheme was chosen with products lumped to 
C8 hydrocarbons. An air flow is used as a cooling agent.  
MRHEs differ from larger-scale heat-exchangers, as axial conduction of 
heat through the solid material plays a very important role in a microdevice. 
Therefore as it was discussed in the literature review section, 1D 
convective heat transfer models often fail as they are not able to predict 
the temperature gradients measured experimentally. Therefore 2D heat 
transfer models of the MRHE were also developed. The 2D heat-transfer 
model describes a single periodic unit with simplified hydrodynamics and 
conductive heat transfer. The corresponding differential equations are 
solved numerically in a COMSOL Multiphysics software. The actual device 
to be manufactured in cooperation with the Institut for Mikrotechnik Mainz 
(IMM-Fraunhofer). 
 
6.2 2D modelling  
6.2.1 Reactor design 
The reactor is to be designed for a methanol feed rate of 2 kg·h-1 with a 
product yield of the C8 hydrocarbon fraction of 0.83 kg·h-1. It is assumed a 
methanol conversion of 95% as an amount of 3% of methanol is allowed in 
fuels according to the European Fuel Quality Directive [240]. 
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Kinetic model 
The kinetic model used in this study is a simplified lumped model (Scheme 
6.1). As the major desired product, C8 olefin (C8H16) was taken as the 
model pseudocomponent (pseudocomponent C). Physical properties of all 
reaction species and reaction rate constants are listed in Appendix B.  
2𝐶𝐻3𝑂𝐻(𝐴)
𝑘−1
⇐ 
  𝑘1 
⇒ 𝐶𝐻3𝑂𝐶𝐻3(𝐵) + 𝐻2𝑂(𝐷) 
∆rH2 (653 K) =-7.254 kJ·mol-1 
𝐶𝐻3𝑂𝐶𝐻3(𝐵) 
    𝑘2    
⇒    
1
4
𝐶8𝐻16(𝐶) + 𝐻2𝑂(𝐷) 
∆rH2 (653 K) =-68.364 kJ·mol-1 
Scheme 6.1. Lumped reaction scheme for methanol to hydrocarbon process.  
 
The mole balance (Eq.6.1) in the reactor are described using Plug Flow 
Reactor (PFR) rate equations. The volume expansion is defined as a 
function of methanol conversion (𝑋) to octene (Eqs.6.2, 6.3). Formation 
rate of each species and their relationship to the reaction rates are 
described as Eqs.6.4-6.9 [241].  
𝐹𝑖,0 − 𝐹𝑖 + ∫ (𝑟𝑖 · 𝐴𝑐𝑎𝑡)𝑑𝐿
𝐿=0.2
0
= 0 (i=A, B, C)    (6.1) 
𝐹𝑖 = 𝐶𝑖 · 𝑉 = 𝐶𝑖 · 𝑉0(1 +
𝑋
8
)       (6.2) 
X = 1 −
𝐶𝐴
𝐶𝐴,0
         (6.3) 
r𝐴 =  −2𝑅1   = −2𝑘1 · 𝐶𝐴
2 + 2𝑘−1 · 𝐶𝐵 · 𝐶𝐷    (6.4) 
r𝐵 = 𝑅1 − 𝑅2 = 𝑘1 · 𝐶𝐴
2 − 𝑘−1 ∙ 𝐶𝐵 · 𝐶𝐷 − 𝑘2 · 𝐶𝐵    (6.5) 
Initial conditions: 
 Methanol WHSV of 2.4 h-1  
 Outlet pressure:  1 bar  
 Inlet temperature:  653K 
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r𝐶 =    
1
4
𝑅2    =
1
4
𝑘2 · 𝐶𝐵             (6.6) 
r𝐷 = 𝑅1 + 𝑅2 = 𝑘1 · 𝐶𝐴
2 − 𝑘−1 · 𝐶𝐵 · 𝐶𝐷 + 𝑘2 · 𝐶𝐵        (6.7) 
Keq =
k1
k−1
=
16.8
2.5
= 6.60       (6.8) 
k2 = 8.2 s
-1         (6.9) 
where  𝐹𝑖,0  and 𝑉0  are the initial molar and volumetric flow rate of the 
species i  respectively. 𝐹𝑖  and 𝐶𝑖  are the molar flow rate and the 
concentration of species i at the position 𝐿 in the reactor. 𝑟𝑖 is the formation 
rate of the species i. 𝐴𝑐𝑎𝑡  is the cross-section area of catalyst coating. 
Water is considered as the fourth species and its concentration is 
calculated as a by-product released during formation of DME and octene. 
By solving above equations, the concentration profile was derived (Figure 
6.1). Methanol is initially rapidly consumed to form an fast equilibrium with 
DME at around L=0.025 m in the reactor. Octene and water are 
continuously formed in the reactor.  
 
Figure 6.1. An example of concentration profiles for methanol and reaction 
products as a function of reactor length. (T=653 K, Fv,M=2.66*10-9 m3 s-1, P=1 
bar)  
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Properties of gas mixture  
The density, heat capacity, thermal conductivity and dynamic viscosity of 
the gas mixture were calculated as a function of temperature. The details 
of the calculations are presented in Appendix B. All initial properties were 
estimated at 1 bar and 653 K. The temperature dependencies of physical 
properties are also presented in Appendix B. In the reaction channel, fluid 
composition goes through a transition from pure methanol to a mixture of 
diluted hydrocarbons and water. The average value of each property 
through the whole reactor is listed in Table 6.1. Then, the properties of gas 
mixture were presented as a function of reactor coordinate (L) considering 
changing gas composition during the reaction as shown in Appendix B.  
Reactor geometry 
The geometry of the MRHE is shown in Figure 6.2. A single microchannel 
plate made of the AISI 304 steel has 14 semi-cylindrical channels with a 
diameter of 0.5 mm. Two plates stacked together form a single reactor unit 
of parallel channels. The plates with reaction channels are sandwiched with 
the ones with cooling channels. The A-A cross section is chosen to 
represent 2D geometry. The design parameters are shown in Figure 6.2 
and also listed in Table 6.2. The following assumptions are made in the 
design: 
 Steady-state fully developed flow 
 Heat losses to surrounding are neglected (adiabatic reactor). 
 Pressure drop in reaction channel could be neglected due to laminar 
gas flow at low flow rate. The supporting calculations are provided 
in Appendix B. 
Table 6.1. Properties of gas phases species at 653 K 
Vapor Molecular 
weight 
(g·mol-1) 
Density 
(kg·m-3) 
Heat 
capacity 
(J·K-
1·mol-1) 
Dynamic 
viscosity 
(Pa·s) 
Thermal 
conductivity 
(W·m-1·K-1) 
Methanol 32 0.597 2200 2.01 0.0583 
DME 46 0.859 2480 / 0.0493 
Octene 112 2.090 1030 / 0.0313 
Water 18 0.336 2050 2.36 0.0539 
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Due to the highly exothermic nature of this process, the energy released 
from the reaction should be removed by the coolant. 
Laminar flow conditions in the reaction channels was determined from a 
low value of Reynolds number by Eq. 6.10.  
𝑅𝑒 =
𝜌∙𝑣∙𝐷𝑟
µ
=0.38               (6.10) 
Table 6.2. Reactor design specifications and fluid properties 
Parameter  Range 
Solid thermal conductivity (W m -1 s-1) Fixed 30 
Fluid thermal conductivity (W m -1 s-1) Fixed 0.0624 
Reaction channel diameter (mm) Fixed 0.5 
Plate length (m) Fixed 0.2 
Plate thickness (mm) Variable 0.5-2.0 
Catalytic coating thickness (mm) Variable 0.005-0.025 
Cooling channel diameter (mm) Variable 0.2-0.5 
Coolant superficial velocity (m s-1) Variable 1.0-4.0 
 
 
Figure 6.2. Schematic view of sandwich microchannel reactor/heat-
exchanger geometry. Plate dimensions (w×h) are 14 × 8 mm2, with 14 
microchannels with a diameter of 0.5 mm and a length of 200 mm 
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where 𝜌  is density of fluid, 𝑣  is velocity of fluid, 𝐷𝑟  is the diameter of 
reaction channel, µ is the dynamic viscosity. The reactor is insulated which 
makes heat loss to the environment negligible compared to the heat 
generated in the reaction (Assumption 2). The heat diffusion and mass 
diffusion are much higher inside catalyst coating compared to the packed 
catalyst. Thiele modulus and heat transfer coefficient have been discussed 
in Chapter 3.5.  
To compare the effect of different design parameters on the temperature 
distribution, the difference of temperature between the local temperature 
at the catalyst position in the channel and the reactor set-point was 
expressed via the temperature non-uniformity parameter (δ):   
δ(%) =
1
?̅?
√
1
𝑁−1
∑ (?̅? − 𝑇𝑗)2
𝑁
𝑗−1 × 100     (6.11) 
where ?̅? is average temperature, 𝑇𝑗 is the temperature at position 𝑗 along 
the axial reactor coordinate and 𝑁 is the total number of positions taken in 
the optimisation. 
The reaction rate constant of 0.224 s-1 was taken from experimental results 
in section 4.2.3.3. The maximum coating loading was limited by a thickness 
of 0.05 mm corresponding a Thiele Modulus of 0.1. In these conditions, the 
reactor operates in the kinetics regime providing full utilisation of catalyst 
coating. 
112 
 
Mesh independence 
Prior to the parametric study, the dependence of computational mesh level 
was examined in the model. Three levels of mesh density (coarse, normal, 
fine) are presented in Figure 6.3. The relative level of meshing elements 
follows the order: coating > reaction channel = cooling channel > reactor 
wall. Theoretically, smaller size of computational cells would require more 
computational steps leading to higher accuracy. However, the computation 
time may take days to reach convergence depending on the complexity of 
models, which could be inconvenient in the parametric study. To estimate 
the effect of meshing density on the accuracy of computation, computed 
temperature profiles are compared. The temperature profile shifts by 1 and 
2.5 K to higher temperatures for the normal and fine meshes, respectively 
comparing to the coarse mesh. The shift of temperature profiles suggests 
that increasing level of mesh improves the accuracy. However, this 
difference of 2.5 K was neglected and a coarse mesh (Figure 6.3a) was 
chosen for 2D modelling. 
 
Figure 6.3. Different meshing levels: a) Coarse, b) Normal, c) Fine.  
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6.2.3 Heat transfer modelling 
Initial single reactor model 
To reach isothermal conditions, heat management is the critical issue of 
the process as the reaction is very exothermic. The heat of reaction is 1.2 
MJ· kg-methanol-1. In the first reactor design, we defined a maximum and 
a minimum temperature limit, 643 and 663 K respectively. A cooling gas 
system is needed to control the catalyst temperature. A plug flow was 
assumed for both gases and the axial dispersion was neglected. 
Due to the fast radial heat transport, axial temperature dispersion 
introduced by the laminar flow profile could also be neglected. The 
temperature profile of the gases is determined by convective heat transport 
and heat exchange with the metal walls. When the length coordinate is 
made dimensionless with the length of the heat-exchanger, the equations 
for the reactant (𝑇𝑟) and coolant gas (𝑇𝑐) temperatures become 
(?̇?𝐶𝑝)𝑟
𝑑𝑇𝑟
𝑑?̂?
= −ℎ𝑟𝐴𝑟(𝑇𝑟 − 𝑇𝑚)      (6.12) 
(?̇?𝐶𝑝)𝑐
𝑑𝑇𝑐
𝑑?̂?
= −ℎ𝑐𝐴𝑐(𝑇𝑚 − 𝑇𝑐)      (6.13) 
where ?̂? is the dimensionless reactor coordinate, (?̇?𝐶𝑝)𝑖 the heat transport 
capacity (mass flow rate times heat capacity) of fluid i (W·K-1), ℎ the gas–
solid heat transfer coefficients (W·m-2·K-1), and 𝐴𝑖  the respective heat 
exchange surface areas (m2). To calculate the heat transfer coefficients, 
entrance effects were neglected and a constant Nusselt number of 3.66 
was assumed for the circular microchannels. 
The model for the metal plates takes into account axial heat conduction 
through the plates, heat exchange with the two gases, and for the reactor 
part, heat production due to reaction, to yield 
−
𝜆𝑚𝐴𝑚
𝐿
𝑑2𝑇𝑚
𝑑?̂?2
= ℎ𝑟𝐴𝑟(𝑇𝑟 − 𝑇𝑚) − ℎ𝑐𝐴𝑐(𝑇𝑚 − 𝑇𝑐) + 𝑄?̇?(𝑋)   (6.14) 
with 𝜆𝑚 the conductivity of the reactor material (W·m
-1·K-1), 𝐴𝑚 the cross-
sectional area of the reactor material perpendicular to the x-axis (m2), and 
𝐿 is the heat-exchanger length (m).  
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The heat generation function (Eq. 6.15) derived from the reaction kinetics 
and the reaction enthalpy calculated as the sum of the formation enthalpies 
of all species.  The reaction enthalpies at 653 K are 3.6 and 34.2 kJ·mol-1 
for the first and second reaction steps respectively.  
?̇?𝑃 (𝑊 ∙ 𝑚
−3) = ∆𝑟𝐻1(653 𝐾) · 𝑅1 + ∆𝑟𝐻2(653 𝐾) · 𝑅2    (6.15) 
To verify the numerical model, a single reaction channel geometry was 
adopted to estimate the adiabatic temperature rise in the reaction channel. 
∆𝑇 =
∆𝐻(653 𝐾)
∑𝑚𝑖 ∫𝐶𝑝𝑖(𝑇)𝑑𝑇
= 510 𝐾       (6.16) 
where 𝑚 is the mass flow rate of fluid i and 𝐶𝑝𝑖(𝑇) is its heat capacity at 
temperature 𝑇. In the adiabatic case, the predicted outlet temperature rise 
corresponds well with the results obtained by Eq 6.16. This showed that 
the accuracy of numerical calculations is high enough for the purpose of 
this study. 
The effect of coolant flow mode (co-current vs counter-current) and inlet 
coolant temperature on the temperature distribution was studied with the 1 
D model. In the co-current case, a sharp temperature drop is observed near 
an axial position of 0.01 m in the reaction channel (Figure 6.4a). However, 
the temperature decreases too far below the desired temperature. The 
temperature profiles in the counter-current case are smoother yet a hot 
spot is observed at the channel inlet (Figure 6.4b). Changing the coolant 
 
Figure 6.4. Effect of coolant temperature on reactant temperature in different 
cooling mode a) Co-current, b) Counter-current (vc=1.0 m s-1, Dc=0.5 mm, 
W=3.5 mm, TH=0.01 mm 
a) b) 
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temperature shifts the whole temperature profiles rather than narrowing the 
temperature difference.  
It can be concluded that the target temperature difference could not be 
achieved in a single reactor/heat-exchanger. The optimised geometry still 
gives a high temperature non-uniformity with a temperature gradient of 100 
K in the reaction channels (Figure 6.5). To reduce the axial temperature 
gradient, the reactor should be split in two parts with an additional coolant 
feeding stage between them.  
The temperature profiles show the effect of the length of the first reactor on 
temperature non-uniformity in the coating (Figure 6.6a & Figure 6.6b).  
 
Figure 6.5. Optimised temperature profiles in a single reactor configuration with 
co-current and counter-current coolant configuration. (vc=1.0 m s-1, Dc=0.5 mm, 
W=3.5 mm, TH=0.01 mm) 
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It can be seen that a reactor length of 0.03 m results in a temperature 
gradient of about 14K along the reactor length. A higher length of the first 
reactor would result in a higher temperature gradient: for example, a length 
of 0.04 m gives a temperature gradient of 22 K (Figure 6.6a). The 
temperature gradient is hardly observed since the inlet cooling of the 
second reactor could efficiently compensate the decreased reaction heat 
due to the dropped methanol and DME conversion. The temperature non-
uniformity (Figure 6.6b) can always be efficiently handled with adjustment 
of coolant flow rate in the second reactor.    
Therefore, the length of two reactors was fixed at 0.03 and 0.17 m to keep 
the total length of 0.2 m. The minimum length is determined by limitations 
on the manufacturing method. This corresponds to a methanol conversion 
of 50% in the first reactor and 95% in the second reactor. The heat 
generation rate is 5.84·10-4 W (per channel) in the first reactor and 1.28·10-
3 W (per channel) in the second reactor. In the following simulations, a 2D 
model has been developed describing the temperature field in a single 
periodic unit. 
2D heat transfer model for two reactor design 
The model geometry consists of the channel areas, a catalyst layer and a 
wall between the two channels. Like in the 1D model, the 2D model takes 
into account convective heat transport by the flowing gases, heat transfer 
between the gases and the reactor material, heat conduction through the 
reactor material and the heat generation in the catalytic coating layer. The 
 
Figure 6.6. a) Temperature profiles plotted with different length of the first 
reactor (b) The effect of the length of the first reactor on temperature non- 
uniformity in the coating (vc=1.0 m·s-1, Dc=0.5 mm, W=3.5 mm, Th=0.01 mm) 
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geometry is represented by the A-A cross section shown in Figure 6.2. The 
geometry consists of four domains listed in Table 6.3. Two physical models 
are laminar flow (Figure 6.7a).and heat transfer (Figure 6.7b).  Laminar 
flow conditions are applied in the reactant and coolant flow domains while 
heat transfer exists in all domains as listed in Table 6.3.  
 
  
Table 6.3. Computational domains and corresponding physical models 
Domains Name Physics Parameters Notations Range 
R1&R2 Semi 
cylindrical 
reaction 
channel 
Laminar flow 
Heat 
convection 
Length of first 
reactor 
LR1 0.03-0.05 m 
F1&F2 Catalytic 
film 
Heat 
conduction 
Thickness of 
zeolitic coating 
TH 0.01-0.025 
mm 
M1&M2 Metal wall Heat 
conduction 
Wall thickness W 1-5 mm 
C1&C2 Semi 
cylindrical 
cooling 
channel 
Laminar flow 
Heat 
convection 
Diameter of 
diameter 
Dc 0.2-0.8 mm 
Temperature Tc <653 K 
Velocity vc 0-4 m·s-1 
Flow mode - Co-/Counter-
current 
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Figure 6.7a. Schematic view of boundary conditions in laminar flow domains. 
The left image part represents the first reactor, the right part represents the 
second reactor. The images are not on scale. Domains (from top to bottom): 
Semi cylindrical reaction channel (R1, R2), catalytic film (F1, F2), Metal wall 
(M1, M2), Semi cylindrical cooling channel (C1, C2) 
 
Figure 6.7b. Schematic view of boundary conditions in heat transfer 
domains. The left image part represents the first reactor, the right part 
represents the second reactor. The images are not on scale. Domains (from 
top to bottom): Semi cylindrical reaction channel (R1, R2), catalytic film (F1, 
F2), Metal wall (M1, M2), Semi cylindrical cooling channel (C1, C2). TR, TF, 
TM,and TC are temperature of reactant, catalytic film, metal and coolant, 
respectively. 
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The following assumptions were made in all numerical simulations: 
 The pressure outlet in the reaction channels and cooling channels 
are set at 1 bar.  
 The first reactor operated in a counter-current mode, the second in 
a co-current mode. Other configurations resulted in much larger 
temperature non-uniformity, therefore they would not be considered 
in this study. 
 The reactant flow at the outlet from the first reactor was equal to that 
at the inlet to the second reactor (Conservation of mass). 
 There is no temperature drop between the outlet of the first reactor 
and inlet of the second reactor (Conservation of energy).  
Laminar flow boundary conditions are given by inlet velocity and outlet 
pressure as Eqs.6.17-6.19 and Figure 6.7a. The inlet velocity in the 
reaction channels is 0.0271 m·s-1:  
vx,R1 = vx,R2 ≡ 0.0271 m∙s-1       (6.17) 
vy,R1 = vy,R2 ≡ 0 m∙s-1        (6.18) 
PR1|x=LR1 = PR2|x=L = PC1|x=0 = PC2|x=L = 1 bar    (6.19) 
The heat transfer boundary conditions in each domain are schematically 
shown In Figure 6.7b. The reactor is adiabatic with insulation at all reactor 
external surfaces.  
General energy balances in the four domains are given by Eqs. 6.21, 6.22.  
For domains M1 and M2:  
−
𝜆𝑚𝐴𝑚𝑥
𝐿𝑥
𝑑2𝑇𝑚
𝑑?̂?2
−
𝜆𝑚𝐴𝑚𝑦
𝐿𝑦
𝑑2𝑇𝑚
𝑑?̂?2
= 𝛼𝑟𝐴𝑟(𝑇𝑟 − 𝑇𝑚) − 𝛼𝑐𝐴𝑐(𝑇𝑚 − 𝑇𝑐)  (6.20)
  
For domains C1 and C2:   
(?̇?𝐶𝑝)𝑐
𝑑𝑇𝑐
𝑑?̂?
= −𝛼𝑐𝐴𝑐(𝑇𝑚 − 𝑇𝑐)      (6.21) 
where ?̂?  and  ?̂?  are  the dimensionless coordinates (actual coordinate 
divided by the length in x- and y- directions respectively), and the other 
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terms similar as for the one-dimensional model. The boundary conditions 
in the heat transfer domains are listed below.  
q’’RF1 = hr (TR1-TF1)        (6.22) 
q’’FM1 = 
𝑘𝐹𝑀
𝑊
 (TF1-TM1)        (6.23) 
q’’MC1 = hc (T M1-TC1)        (6.24) 
q’’RF2 = hr (TR2-TF2)        (6.25) 
q’’FM2 = 
𝑘𝐹𝑀
𝑊
 (TF2-TM2)       (6.26) 
q’’MC2 = hc (TM2-TC2)        (6.27) 
where hr &hc are the overall heat transfer coefficient in reaction and cooling 
channels, kFM is thermal conductivity in solid and TR, TF, TM, TC are 
temperature of reactant, catalytic coating, metal and coolant, respectively 
Thermal resistance 
Heat transfer coefficients and thermal resistances in Eqs. 6.28-6.32 
suggest that the limiting step of heat transfer is in the boundary layers in 
the cooling channel domain (Figure 6.8). Due to a higher thermal 
conductivity of the reactant mixture, the thermal resistance of the reaction 
channel is much lower than one of the cooling channel while thermal 
resistance of the metal and the catalytic film is neglected due to a 
difference in order of magnitude to reactants and coolant (Appendix C).  
𝑅𝑟 =
1
ℎ𝑟∙𝐴𝑟
         (6.28) 
𝑅𝑐 =
1
ℎ𝑐∙𝐴𝑐
         (6.29) 
  
𝑅𝑚𝑒𝑡𝑎𝑙 =
𝑊
𝑘𝑀∙?̅?
         (6.30) 
𝑅𝑓𝑖𝑙𝑚 =
𝑍
𝑘𝐹∙𝐴𝑟
         (6.31) 
𝑅𝑡𝑜𝑡 = 𝑅𝑟 + 𝑅𝑐 + 𝑅𝑚𝑒𝑡𝑎𝑙 + 𝑅𝑓𝑖𝑙𝑚      (6.32) 
121 
 
6.2.4 Parametric study 
Effect of coolant flow mode 
The coolant flow direction has a major influence on the temperature non-
uniformity in the reactors. This effect was studied by comparing reactant 
temperature profiles obtained under different flow configurations (Figure 
6.9). It should be mentioned that only optimised cases are presented in the 
subsequent discussion.  
Figure 6.9 shows the effect of coolant flow mode in the first and second 
reactors. It can be seen that a minimum temperature gradient of 14 K is 
observed in the counter-current configuration. The counter-current mode is 
then determined for the first reactor when comparing flow modes in the 
second reactor (Figure 6.9b). Though the temperature gradient is relatively 
small in the second reactor, the co-current mode is selected for its lower 
temperature gradient. 
 
Figure 6.8. Schematic of thermal resistance in Y axis 
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This result could be explained as that injection point of coolant near the 
temperature hotspot provides the highest temperature difference between 
reactant and coolant which is the main driving force for heat flux. Therefore, 
the inlet of coolant in both reactors should be near the hotspot and that 
counter-current flow mode in the first reactor and co-current in the second 
reactor are concluded to be the best configuration.  
Effect of metal plate thickness 
The thickness of the metal plate helps to increase the axial heat transfer 
more efficiently which in turns helps to reduce the thermal gradient in the 
catalytic coating and in the reaction channel. The importance of heat 
conduction, especially axial one, in the solid wall was stated by several 
authors [236, 237]. In the case of an exothermic reaction in an adiabatic 
reactor, the solid phase axial conduction could be described by the 
conduction parameter (𝐶𝑃) [141] as Eq. 6.33. An optimal range of 𝐶𝑃 
between 0.1-0.5 was identified by Stief et al. [243]. In our case, stainless 
steel with 𝜆 of 31.8 W·m-1·K-1 is used for reactor material. This leads to a 
CP value of 29.8 indicating a major effect of axial heat transfer.  
𝐶𝑃 =
𝜆
𝐿𝜌𝑢𝐶𝑝
         (6.33) 
 
Figure 6.9. Reactant temperature profiles in reactors with different coolant 
flow mode in a) First reactor. b) Second reactor (vc=1.0 m·s-1, Dc=0.5 mm, 
W=3.5 mm, TH=0.01 mm) 
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A high thickness of the wall up to 5 mm between reaction and cooling 
channels has a positive effect on reactant temperature field as shown in 
Figure 6.10a. When increasing the wall thickness five times from 1 mm to 
5 mm, the temperature gradient in the first reactor drops from 30 to 15 K. 
In a thicker wall, larger cross section increases heat transfer in the axial 
direction in metal wall, which results in more uniform temperature 
distribution (Figure 6.10b). However, too thick material would result in low 
space utilisation and therefore there is an optimum in the plate thickness 
at 3.5 mm. This allows to suppress thermal gradient in the first reactor by 
a factor of 2. 
Effect of diameter of cooling channel  
As it was discussed in the single reactor case, the cooling temperature and 
flow rate have a limited effect on the magnitude of temperature gradient in 
the first reactor. According to Eqs. 6.28-6.32 the thermal resistance in the 
cooling channel plays a major role in the total heat transfer. By increasing 
the diameter of the cooling channel, the surface area of heat flux could be 
increased which could reduce the thermal resistance. However when 
decreasing the size of cooling channel from 0.5 to 0.2 mm but keeping the 
same volumetric flow rate of coolant, no obvious effect was observed on 
temperature profile. This result could be explained by the fact that the third 
dimension in the COMSOL numerical model cannot be adjusted in a 2D 
model. Therefore this effect will be discussed in 3D reactor modelling. 
 
Figure 6.10 a) Temperature profiles in reaction channel in the reactor with 
different wall thickness. (vc=1.0 m·s-1, Dc=0.5 mm, TH=0.01 mm). b) Non-
uniformity as a function of W in the first reactor 
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Effect of coating thickness 
The coating thickness has a major influence on temperature distribution as 
a thicker coating would result in much larger heat generation rate in the 
reaction channels. (Figure 6.11a). Therefore the temperature gradient 
rises to 75 K when coating thickness of 0.025 mm is applied. Non-
uniformity of temperature profile (Figure 6.11b) increases for the thicker 
coatings. The thickness of 0.01 mm is selected for further optimisation.  
Effect of coolant temperature 
When increasing coolant temperature (Tc) from 610 to 650 K in both 
reactors, the reactant temperature (TR) increases by the same magnitude 
(Figure 6.12). This result suggests that temperature of coolant could help 
to adjust the reaction temperature but it does not reduce the temperature 
gradient. This simplifies the process control as the drop in the reactor 
temperature due to catalyst deactivation could be easily compensated by 
increasing the coolant temperature.  
 
Figure 6.11. a) Temperature profiles in reaction channel with catalyst film of 
different thickness. (W=3.5 mm, Dc=0.5 mm, vc=1.0 m∙s-1, TC1, in = 635 K, TC2, 
in=652 K). b) Non-uniformity as a function of C in the first reactor 
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Effect of coolant velocity 
The coolant velocity showed a little impact on the catalyst temperature 
(Figure 6.13a). When the coolant velocity is four times higher, the reactant 
temperature dropped by 2 K. This implies that velocity of coolant could not 
be used as an efficient controlling parameter. As the velocity decreases, 
the outlet temperature of the coolant increases. Figure 6.13b shows that 
higher coolant velocity gives a slightly more uniform distribution of reactor 
 
Figure 6.13. a) Temperature profiles in first reactor when coolant at different 
velocity. (W=1.0 mm, Dc=0.5 mm, TH =0.01 mm, TC1, in = 635 K, TC2, in=652 
K). b) Non-uniformity as a function of vc in the first reactor 
 
 
Figure 6.12. a) Temperature profiles in coating domain when coolant at 
different temperature. (W=3.5 mm, Dc=0.5 mm, vc=1.0 m∙s-1, TH =0.01 mm). 
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temperature. Therefore the minimum of coolant velocity of 1 m∙s-1 was 
selected. 
 
Figure 6.14. Temperature profiles in coating domain with optimise 
parameters. (W=3.5 mm, Dc=0.5 mm, vc=4.0 m∙s-1, TH =0.01 mm, TC1, in = 
635 K, TC2, in=652 K) 
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According to the studies above, an optimisation of studies parameters was 
applied to the model as stated in the caption of Figure 6.14. Overview of 
design is listed in Table 6.4. 
The temperature gradient of 16 K was observed. With adjustment of 
coolant temperature to 635 K in the first reactor, reactant temperature is ±7 
K from desired reaction temperature at 653 K. The temperature non-
uniformity parameter also drops to 0.339% which is the lowest among all 
designs. 
 
Table 6.4. Overview of design unit (half channel) in micro-reactor/heat-
exchanger 
 First 
reactor 
Second 
reactor 
Methanol conversion rate (h-1) 
Reactor length (m) 
Wall thickness (m) 
Reaction channel diameter 
Catalytic film thickness (m) 
Mass of catalyst coating (kg) 
Reactant flow velocity (m∙s-1) 
Methanol feeding rate (kg∙h-1) 
Total methanol conversion to DME (%) 
Total DME conversion to C8H16 (%) 
Heat generation (W) 
Heat reactant adsorbed (W) 
Heat coolant absorbed (W) 
Coolant flow direction  
Cooling channel diameter 
Coolant temperature (K) 
Coolant flow velocity (m∙s-1) 
Product (n-Octene) output rate (kg∙h-1) 
2.3 
0.03 
3.5·10-3 
5·10-4 
10-5 
3.53·10-7 
0.0271 
5.76·10-6 
49.3 
55.6 
5.81·10-4 
3.30·10-5 
5.48·10-4 
Counter- 
5·10-4 
635 
4.0 
- 
2.3 
0.17 
3.5·10-3 
5·10-4 
10-5 
2.00·10-6 
0.0271 
- 
94.7 
99.8 
1.28·10-3 
1.65·10-5 
1.26·10-3 
Co-  
5·10-4 
652 
4.0 
2.47·10-6 
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6.3 3D modelling 
2D modelling on MRHE provides an estimation of the magnitude of the 
temperature profile in reaction channels. However, the practical solution 
exceeds the stationary and laminar limit of 2D modelling where 
simplification may conflict with realistic complex 3D gaseous dynamic. 
Moreover, the cross-section chosen in 2D modelling may not reproduce 3D 
effects. 3D simulation could provide a more accurate approach for the 
MRHE design. A full scale 3D model describes the actual hydrodynamics 
in the both channels coupled with heat transfer via convection and 
conduction. 
6.3.1 Geometry and physics 
The 3D model represents a single periodic unit of the MRHE. The inlet and 
outlet tubes, which are perpendicular to the reaction channel plane, are not 
included in the model. Instead, the inflow and outflow are modelled as 
straight surfaces in line with the plate. Without the inlet and outlet tubes, 
the geometry is symmetrical in a centre plane, allowing simulation of the 
half geometry. The model had about 23 computational nodes and it took 
about 10 minutes to reach convergence from a previous solution.  
 
Figure 6.15. Geometry of 3D modelling with design unit and parameters 
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The 3D model was constructed based on the same physics and domain 
arrangement as it was presented in the 2D modelling section. The 3D 
geometry of a single periodic unit of the MRHE is shown in Figure 6.15 
with the design unit shown in the frame. It should be noted that the catalyst 
layer is considered as a ‘thin layer’ domain which acts as a boundary heat 
source. Similar to the 2D model, two reactors in series and four domains 
were considered. The 3D meshing scheme is shown in Figure 6.16. 
6.3.2 Parametric study 
A parametric study in 3D modelling is mainly focused on the optimisation 
of the geometry of cooling channels and the coolant flow rate that were not 
applicable in 2D modelling. Other parameters will be compared in 2D and 
3D. Parameters to be studied in 3D modelling are listed below. 
Table 6.5. Studied parameters and range in 3D modelling 
Parameter Notation Studies range 
Diameter of cooling channel  Dc 0.2-0.8 (mm) 
Number of cooling channel Nc 1-3 
 
 
Figure 6.16. Mesh of 3D geometry 
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Diameter of cooling channels 
The cooling channel diameter was changed in the range from 0.5 to 0.8 
mm keeping the same coolant flow rate. It can be seen in Figure 6.17, an 
increase of the diameter of the cooling channel leads to a temperature drop 
around 10 K in the entire reactor. Due to an increase in surface area for 
convective heat flux at the cooling channel wall the heat transfer is 
improved. No major improvement in the temperature non-uniformity 
parameter was observed meaning that this effect is not beneficial in 
reducing the hot-spot magnitude. The thickness of the fluid boundary layer 
increases in the channels with larger diameter which reduces the positive 
effect of increasing the surface area. Therefore, this parameter was kept 
at 0.5 mm in further optimisation.  
Figure 6.17. Temperature distribution profile in the first reactor with different 
diameters of cooling channel (W=3.5 mm, vc=4.0 m∙s-1, TH =0.01 mm) 
Multiple cooling channels 
The limiting step in overall heat transfer is the heat convection at the 
interface between the metal wall and the coolant. In order to improve heat 
transfer rate, a design with multiple cooling channels was made to increase 
the surface area for convective heat flux without increasing the thickness 
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of the boundary layer in the cooling channel (Figure 6.18). The 
corresponding temperature profiles in the coating domain are shown in 
Figure 6.19. A significant improvement was observed as the gradient was 
 
Figure 6.18. 2D Sketch of geometries with one (left), two (middle) and three 
(right) cooling channels 
 
Figure 6.19. Temperature profiles in the coating with one, two and three 
cooling channels obtained with the 3D model (Dc=0.3 mm, W=3.5 mm, 
vc=4.0 m∙s-1, TH =0.01 mm) 
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reduced by 15% as compared to the single cooling channel configuration. 
The high surface to volume ratio of cooling microchannels has a positive 
effect on the temperature field in the MRHE. However, a further increase 
in the number of cooling channels would not reduce the temperature 
gradient as the main thermal resistance shifts to the reaction channels.  
6.3.3 Optimised model 
The temperature distribution in the first reactor is shown Figure 6.20. The 
colour legend shows the temperature range in the cooling channel is within 
the 600-660 K range. The right scale bar shows the temperature in the 
reaction channel is within the 635-665 K range. The catalyst suffers from a 
fast rise in temperature to 665 K within 5 mm in the reaction channel due 
to fast heat generation in the area with high concentration of methanol. A 
temporary equilibrium is reached when the heat generation rate by the 
exothermic reactions and the heat removal rate the coolant channels are 
equal. With methanol being consumed towards the downstream locations, 
the reaction temperature in the coating drops to 635 K due to a significant 
 
Figure 6.20. Temperature distribution in first reactor with optimised 
conditions with temperature contour in YZ cross-section obtained with the 3D 
model (v=0.0271m·s-1, Dc=0.8 mm, W=3.5 mm, TH=0.01 mm) 
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reduction in the reaction rate. The lowest temperature of coolant is 
observed near the injection point of coolant at a distance of 30 mm as 
shown in Figure 6.20. Flowing to the other end (L=0 mm), the coolant 
temperature increases to 660 K. The heat transfer through the metal wall 
is visualized by temperature contours aligned in the XY plane passing 
through the origin (z=0). It can be seen, the contour lines in the first reactor 
are parallel to each other indicating sufficient heat transfer while they are 
bended near the hot-spot and the coolant entrance due to the presence of 
a substantial transverse heat flux in the metal which helps to reduce the 
hot spot.  
The temperature profiles in the coating, the reactor wall and in the cooling 
channel are shown in Figure 6.21. A hot-spot of 21 K is observed at the 
entrance of the first reactor. The temperature gradient in the second reactor 
is nearly zero due to a reduced heat generation rate. In the first reactor, the 
temperature difference is merely observed between those domains, 
indicating a sufficient heat transfer from the heat source in coating layer to 
 
Figure 6.21. Temperature profiles of coating, wall and coolant domains with 
optimised parameters in the first reactor obtained with the 3D model 
(v=0.0271m·s-1, Dc=0.8 mm, W=3.5 mm, TH=0.01 mm) 
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metal wall and cooling channel. Coolant is injected at L=30 mm at 600 K 
always resulting in excessive cooling below the desired temperature in that 
section. The same situation is observed in the second reactor which is not 
shown due to the long length of the reactor.  
6.3.4 Comparison to 2D modelling 
The optimisation process gave the same optimum values of parameters in 
both 2D and 3D models (v=0.0271m·s-1, Dc=0.8 mm, W=3.5 mm, Th=0.01 
mm). However, the temperature gradient in the 3D model of ±20 K is higher 
than that in the 2D model of ±8 K. The reason for the deviation between 
the 2D and 3D models is related to two aspects. The area for convective 
and conductive heat flux could not be represented in the 2D model. As a 
consequence, the heat flux which is always considered orthogonal to the 
reactor wall is overestimated in the 2D model. In the actual geometry this 
area is not a constant over the entire domain, so the characteristic length 
for conductive heat transfer is considerably reduced between the cooling 
 
Figure 6.22. Sketch of heat transfer path from different locations of heat 
source 
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channels (in the y-range from 3.75 and 4.00 mm, section B in Figure 6.22) 
as compared to the space between the cooling and reaction channels (in 
the y-range below 3.75 mm,  section A in Figure 6.22). In the 2D model, 
the cross-section was represented by section A. While in the case of cross-
section B, if modelled separately in 2D geometry, the temperature gradient 
would be two to three times higher depending on the distance between the 
reaction channels (which cannot be specified either in the 2D model). 
Therefore, 2D modelling is considered to be a straightforward tool for initial 
parametric study while 3D modelling is a more accurate tool for quantitative 
study.  
 
6.4 Pilot unit  
Even though with a strong control of reaction conditions and improved yield 
studied in many studies, small production scale has been an obstacle for 
micro-structured reactors [244–246]. Based on the optimised geometry, 
the dimensions and the weight of the MRHE are estimated in Table 6.6. 
The reaction plates with 14 semicircle microchannels and cooling plates 
with 28 semicircle microchannels are assembled to form a reactor. Due to 
the large mass of the device, a single reactor would require a start-up time 
of about 15 min by available electric power with a 3 kW output. In order to 
achieve the target conversion rate of methanol of 2 kg·day-1, a reactor 
module with 88 MRHEs is needed. The final design represent a series of 
individual MRHEs with a volume of 0.002 m3 and a weight of 15 kg. To 
scale up the current model to pilot scale, a higher coating would be 
desirable even it would not provide the full catalyst utilisation. 
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6.5 Conclusions 
A parametric study has been carried out to investigate effect of coolant 
temperature and velocity, wall thickness, cooling channel diameter and 
coating thickness on temperature non-uniformity parameter. The effect of 
flow mode configuration was studied as well. An optimum reactor 
configuration is a two reactor assembly with a counter-current coolant flow 
in the first reactor and a co-current coolant flow in the second reactor. The 
length of the first reactor is 0.03 m and the length of the second reactor is 
0.17 m. An optimal plate thickness is in the range 1.0-1.5 mm. The optimal 
catalyst thickness is in the range 10-15 micron. Such configuration would 
result in a temperature gradient of 14 K in the first reactor and less than 2 
K in the second reactor. 
A difference in computation results was observed between 2D and 3D 
models as 2D model does not represent the actual area available for heat 
transfer. The temperature gradient in the 3D model was 13 K in the first 
reactor while the optimal parameters remained the same. A prospective 
Table 6.6. Summary of pilot scale of MRHE 
 Parameter Value 
Reaction 
channel 
plate 
Length of channel 200 mm 
Diameter of channel 0.5 mm 
Thickness 4 mm 
Number of channel per plate 14 
Methanol conversion rate per 
channel 
67 mg·h-1 
Weight 84 g 
Cooling 
channel 
plate 
Length of channel 200 mm 
Diameter of channel 0.8 mm 
Thickness 4 mm 
Number of channel per plate 14 
Weight 84 g 
Assembled 
MRHE 
module 
Conversion capacity 2 kg·day-1 
Number of MRHEs 88 
Total weight 15 kg 
Dimension of module (W*H*L) ~0.1 * 0.2 * 0.1 m3 
Heating output 3 kW 
Start-up time 15 min 
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miniplant configuration for a conversion rate of methanol at 2 kg·day-1 has 
been suggested. 
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Chapter 7                                                                     
Conclusions and outlook 
7.1 Conclusions 
A series of ZSM-5 coatings with different Si/Al ratios (20-60) and the mean 
crystal size ranging from 0.8 to 2.6 μm have been synthesized on AISI-304 
stainless steel substrates by hydrothermal synthesis. The coatings 
obtained have a MFI structure without the presence of other phases. A 
higher Si/Al ratio in the initial sol gives a larger mean crystal size. A higher 
H2O/Si ratio leads to a larger crystal size with a wide crystal size distribution. 
Continuous coatings were obtained with an average coating thickness of 
14 µm. The crystallisation of ZSM-5 zeolite was stopped after 48 hours 
when the liquid phase was exhausted in Al species, even an incomplete 
conversion of Si species was observed. An increased catalyst loading up 
to 0.09 kg·m-2 was achieved by repeated synthesis resulting in a coating 
thickness of 60 µm.  
A high Al content in the coatings (Si/Al ratio below 30) resulted in a fast 
equilibrium between methanol and DME in the MTH reaction at 370 oC. 
These catalysts also showed a fast deactivation within 50 h on stream. The 
catalysts with Si/Al ratio above 40 showed an initial induction period over 
which an increase in catalyst activity was observed. They demonstrated 
improved stability with no deactivation for more than 80 h on stream. There 
exists an optimal catalyst composition with a Si/Al ratio of 50, a crystal size 
of 2.4 µm which could be obtained at a synthesis time of 72 h from a sol 
with a nominal composition of 50 SiO2: 1 AlO2: 6 TPAOH: 1500 H2O.  
The H-ZSM-5 coating with a Si/Al ratio of 50 provided the maximum yield 
of gasoline range hydrocarbons. The C8-11 selectivity increases to 18.6% 
at a pressure of 4 bar and a residence time of 3 s. Any further increase in 
residence time does not change the selectivity pattern.  While the C8-11 
selectivity over the H-ZSM-5 coatings is slightly lower than over the powder 
sample with the same composition, the amount of undesired aromatic 
fraction was considerably reduced to 9.6% over the coatings as compared 
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to 19.2% over the pellets. This illustrates that the application of thin zeolitic 
layers gives considerable potential for tailoring and optimizing the catalytic 
performance in the MTH reaction. 
It has been found that ion-exchange with Ca provides controllable Ca 
exchange ratio in Ca-H-ZSM-5 catalyst. The resulting catalysts exhibited 
similar structural and morphological patterns to the parent H-ZSM-5. By 
increasing the Ca content, the catalyst lifetime and selectivity to C8-11 
hydrocarbons were considerably improved. Ca-ZSM-5 catalysts with an 
exchange ratio in the range of 0.15-0.20 were found to be the most stable 
in the MTH reaction, maintaining an initial conversion level for over 7 h and 
having the highest selectivity of ca. 46% to C8-11 gasoline fraction due to 
the presence of weak Brønsted acidity.  
Hierarchical structures were introduced to H-ZSM-5 with Si/Al ratio at 50 
by a desilication treatment. Experimental evidences show that the 
performance of mesoporous H-ZSM-5 catalysts can be improved by 
regulating the porous network. The presence of mesopores introduced by 
desilication with an alkaline solution enhanced effective diffusivity for larger 
hydrocarbons. The average mesopore diameter and volume as well as the 
surface area increased with increasing the concentration of the alkaline 
solution. Low desilication efficiency was observed from a very concentrated 
alkaline solution due to a massive dissolution of ZSM-5 catalyst and the 
formation of larger macropores.  While the selectivity to C8-11 hydrocarbons 
did not change, a higher turnover number for C8-11 fraction was observed 
over the desilicated samples. The presence of the structural template in 
the alkaline solution reduced the mesopore diameter and preserved the 
microporous ZSM-5 structure. The longest lifetime and the highest TON for 
C8-11 were found with a mean mesopore size of 3.1 nm and a crystal size 
of 2.4 µm. 
The optimised desilication method was applied to ZSM-5 coating. Meso-
microporous coating is observed to have similar textual properties as 
mesoporous H-ZSM-5 pelleted catalyst. The selectivity to gasoline fraction 
and the catalyst lifetime improves over ZSM-5 coatings as compared to 
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pelleted catalysts. The meso-microporous H-ZSM-5 coatings with a 
thickness of 30 µm show a 5-fold increase in catalyst lifetime and two times 
higher selectivity to C8-11 fraction compared to the microporous coating with 
the same thickness and composition. The highest selectivity to gasoline 
range hydrocarbons of 18.5% with a minimum formation of aromatics by-
products was obtained in the MTH reaction at a temperature of 370 oC at 
a pressure of 4 bar and a WHSV of 10 h-1. 
A compact microstructured reactor/heat-exchanged was designed to 
generate gasoline range hydrocarbons from methanol. The MTH reaction 
takes place on the surface of H-ZSM-5 catalytic coating deposited onto the 
inner wall of reaction channels. A simplified kinetic scheme was suggested 
with products lumped to C8 hydrocarbons. An air flow is used as a cooling 
agent. A parametric study has been carried out to investigate effect of 
coolant temperature and velocity, reactor wall thickness, cooling channel 
diameter and coating thickness on temperature non-uniformity parameter. 
The effect of flow mode configuration was studied as well.  
An optimum reactor configuration is a two reactor assembly with a counter-
current coolant flow in the first reactor and a co-current coolant flow in the 
second reactor. The length of the first reactor is 0.03 m and the length of 
the second reactor is 0.17 m. An optimal plate thickness is in the range 1.0-
1.5 mm. The optimal catalyst thickness is in the range 15 micron. Such 
configuration would result in a temperature gradient of 14 K in the first 
reactor and less than 2 K in the second reactor. 
A difference in computation results was observed between 2D and 3D 
models as the 2D model does not represent the actual area available for 
heat transfer. The temperature gradient in the 3D model was 13 K in the 
first reactor while the optimal parameters remained the same. A 
prospective miniplant configuration for a conversion rate of methanol at 2 
kg·day-1 has been suggested.  
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7.2 Outlook 
At the sight of depleting fossil fuel reserves and facing increasing 
environmental problems connected to their usage, novel strategies to 
power our society are presently being developed based on renewable 
energy sources [247]. Renewable energies in combination with chemical 
energy conversion will play a crucial role in such future energy scenarios 
[248]. Future catalytic processes involved in chemical storage of renewable 
energy and in the (subsequent) transformation to chemicals and fuels, will 
have to provide fast start up and shut down times and be modular so they 
can be deployed in remote areas with the availability of feedstocks from 
renewable resources. This requires more decentralized plants with among 
others microstructured reactors. 
A fluctuating supply of energy, affects both heat and mass transport 
processes within the reactor and the porous catalysts. Dynamic changes 
on the molecular catalyst level often resulting in deactivation. With the 
availability of new analytical methods, it is possible to gain further insights 
into catalytic systems and to obtain a deep understanding of the effect of 
variable reaction conditions [249]. The MTH reaction is an example of 
process where the catalyst encounters varying reaction conditions. The 
catalyst is periodically regenerated by passing air through the reactor to 
burn off coke deposits. 
As the microstructure of the catalyst and the acid sites are strongly 
dependent on the environment (temperature, pressure, reactant 
concentrations), the catalytic performance will vary depending on the local 
reaction conditions. This requires both the development of a fundamental 
understanding at an atomic level and its integration into the theoretical and 
kinetic description of the catalyst under dynamic conditions. Therefore the 
catalysts should be investigated under dynamic conditions so the averaged 
optimum can be found which can be expressed, for example, in turnover 
number (TON) rather than turnover frequency (TOF). An attempt to 
characterize the catalyst performance in terms of TONs has been made in 
this thesis. The reaction kinetics (if not solely used for reactor design 
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purposes) should also be based on reaction sites that can vary their activity 
in time and not on static ones as observed under steady-state conditions 
and implemented in kinetic models discussed in the literature review 
section. 
Computational fluid dynamics (CFD) packages are already widely used 
both at the design phase, and for interpretation of experimental data when 
complex coupling of momentum, heat and mass transfer cannot be 
described by simple engineering correlations, such as pressure drop, 
Nusselt and Sherwood numbers. While 3D models are demonstrated to be 
a powerful tool in reactor design, some assumptions have still to be made 
on boundary conditions that later on require experimental verification of 3D 
models in the reactors with known hydrodynamics. Various studies proved 
the importance of the design phase via simulation prior to fabrication as 
was also demonstrated in this thesis. Such a design approach can avoid 
costly, iterative experimental design procedures where components are 
fabricated, tested and then redesigned to improve performance. 
Despite the recent developments in the area of microstructured reactors, 
the reactor performance is often limited by the activity of the standard 
catalysts. Therefore the catalyst development remains the key issue to 
improve further the product yield in a chemical reactor. For understanding 
catalysts under dynamic reaction conditions different scientific disciplines 
such as (operando) spectroscopy, theory and kinetic modelling have to 
work hand in hand in order to provide a basic understanding of the relevant 
processes at the catalyst surface and the bulk. 
Deposition of ZSM-5 coatings on micro-channels does not require a binder 
- the crystals are chemically bonded to the support, i.e. the wall of the 
channel; thus, there will be no interference between the catalytic activity of 
the zeolite and any binder. Methods need to be further optimized for the 
deposition of the thin catalyst layers and the incorporation of other 
elements within these layers. Ion-exchange was found to be a superior 
method for control of concentration of metal ions in ion-exchanged zeolites. 
It would be useful to extend the range of operating conditions to obtain 
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relationships between the degree of exchange and external parameters 
(temperature, metal concentration, pH). The porosity has also a major 
impact on the product distribution. Existing literature describes two 
approaches either by addition of hard templating [250] or surfactant [251]. 
Mesoporous ZSM-5 catalysts obtained by hard templating (Carbon Black) 
and microwave digestion were claimed to have high mesoporosity however 
further study need to be done on whether the method can be translated to 
zeolitic coatings. Mesoporous ZSM-5 obtained by addition of 
cetyltrimethylammonium bromide (CTAB) as a surfactant was claimed to 
have extraordinary textual properties such as a specific surface area of 949 
m2g-1 however the catalytic activity and stability have to be confirmed in a 
long term operation under real MTH conditions. Synthesis of mesoporous 
ZSM-5 coatings on substrates could improve their efficiency as compared 
to post-synthesis desilication and could provide a better control over 
catalyst loading. Finally, the metal substrate may also affect the coating 
activity in numerous ways, such as by having an electron deficient or 
donating nature, via additional roughness or application of additional 
intermediate layers. This creates another degree of freedom to modify 
catalytic properties as compared to powder catalysts. 
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Appendices 
Appendix A - GC analysis 
Figure A1. Typical GC chromatogram for hydrocarbons from C1 to C11 
Figure A2. GC calibration curve of hydrocarbons 
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Appendix B – Calculation of physical properties 
Molecular diffusivity of gas 
𝐷𝑚(𝑇, 𝑃) = 𝐷𝑚
0 (𝑇0, 𝑃0) ·
(𝑇/𝑇0)
1.5
𝑃/𝑃0
      (B0.1) 
where 𝐷𝑚
0  is the molecular diffusivity of gas at the temperature of 𝑇0 and 
the pressure of 𝑃0. 𝐷𝑚 is the molecular diffusivity of gas at the temperature 
of 𝑇and the pressure of 𝑃. 
Pressure drop 
Darcy friction pressure drop for laminar flow: 
∆𝑃 (Pa) = 32
µ𝑣𝐿
𝐷2
= 2.1        (B0.2) 
Where ∆P is pressure drop, L is reactor length, µ is dynamic viscosity, v is 
flow velocity, D is diameter of channel.  
Properties of individual gas 
Data of properties were fitted into functions of temperature below 
Function (T) = A0+A1·T+A2·T2 
 Heat capacity (J mol-1 K-1) 
 A0 A1 A2 
Methanol 17.3 9.90×10-2 -2.70×10-5 
DME 25.7 1.35×10-1 0 
Octene 34.8 5.52×10-1 -1.80×10-4 
Water 30.0 1.06×10-2 0 
 
 Viscosity (10-6 kg s-1 m-1) 
 A0 A1 A2 
Methanol 1.043 2.92×10-2 0 
Water -3.16 4.10×10-2 0 
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 Thermal conductivity (10-4 W m-1 K-1) 
 A0 A1 A2 
Methanol 248 1.27 0 
DME -298 1.21 0 
Octene -46.3 2.88×10-1 8.42×10-4 
Water -155 1.06 0 
 
Properties of gas mixture [252] 
?̅? = ∑𝐶𝐵𝑀𝐵         (B0.3) 
𝐶𝑝̅̅̅̅ = ∑𝐶𝑝𝐵
𝐶𝐵
∑𝐶𝐵
        (B0.4) 
µ12̅̅ ̅̅ = 𝐾√µ1µ2(
4𝑀1𝑀2
(𝑀1+𝑀2)2
)
1
4       (B0.5) 
𝑘12̅̅ ̅̅ = 𝑘1 (1 + 𝐴12
𝐶𝐵2
𝐶𝐵1
)
−1
+ 𝑘2 (1 + 𝐴21
𝐶𝐵1
𝐶𝐵2
)
−1
    (B0.6) 
where 𝐶𝐵 are concentration for each species. µ is dynamic viscosity. 𝑘1, 𝑘2 
are thermal conductivities for methanol and water with value of 0.058 and 
0.052 W m-1 K-1. 𝐴ij is coefficient depending upon mass ratio 𝑀2/𝑀1 (>1) 
and inter-molecular potential parameters below.  
Coefficient A for thermal conductivity of mixture gas: 
𝐴𝑖𝑗 =
1
𝐾
√
𝜆𝑖
𝜆𝑗
{𝐹𝑖𝑗 +
1−(
𝜆𝑗𝐹𝑖𝑗
𝜆𝑖𝐹𝑗𝑖
)
1
2
(𝑀𝑖+𝑀𝑗)
1
2
2.6𝑀𝑖𝑀𝑗
+(
𝜆𝑗
𝜆𝑖
)
1
4
(
1
𝐾𝐹𝑗𝑖
)
1
2
)}     (B0.7) 
where  
𝐹𝑖𝑗 = 1 +
𝑀𝑖−𝑀𝑗
(𝑀𝑖+𝑀𝑗)
2 (2.375𝑀𝑖 − 0.225𝑀𝑗)     (B0.8) 
𝐾 =
1
𝐿2
(1.01546𝐿 − 0.01403)      (B0.9) 
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 Figure B1. Profiles of physical properties a) Density, b) Heat capacity, c) 
Thermal conductivity, d) Dynamic viscosity of mixture fluid in reaction channel 
 
Reaction enthalpy 
𝐻𝑓,𝐵(𝑇) = 𝐻𝑓,𝐵(298 𝐾) + ∫ 𝐶𝑝𝐵(𝑇)𝑑𝑇
𝑇
298
    
 (B0.10) 
∆𝑟𝐻(𝑇) = ∑𝑛𝐵𝐻𝑓,𝐵(𝑇)      
 (B0.11) 
where 𝐻𝑓,𝐵 formation enthalpy of substance, standard value at 298 K could 
be found in Table B1. ∆𝑟𝐻  is reaction enthalpy, 𝑛𝐵  is stoichiometric 
number in reaction.  
Table B1. Formation enthalpy of substances at 298 K 
Substance Hf,B at 298 K (kJ·mol-1) References 
Methanol (g) -200.7  [253] 
DME (g) -184.1  [254] 
Octene (g) -82.93  [253] 
a) b) 
d) c) 
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Water (g) -241.8 [253] 
 
Figure B2. Heat generation profile in reaction channel (T=653 K, 
Fv,methanol=2.66*10-9 m3 s-1, P=1 bar) 
 
Table B2. Thermal resistance in the reactor for different configuration 
Parameter Dr=Dc=0.5 mm 
W (mm) 3.5 
Z (mm) 0.01 
Rr =
1
hr∙A𝑟
 (K·W-1) 21.2 
Rc =
1
hc∙A𝑐
 (K·W-1) 79.1 
  
Rmetal =
W
kM∙A̅
 (K·W-1) 0.351 
Rfilm =
𝑍
kF∙A𝑟
 (K·W-1) 0.046 
Rtot = Rr + Rc + Rmetal + R𝑓𝑖𝑙𝑚 (K·W
-1) 101.2 
 
  
169 
 
Appendix C - Calcium ion-exchange ratio 
 
 
Figure C1. Calcium exchange ratio in the zeolite along different Ca2+ 
concentration in the exchanging solution 
Table C1. Calcium ion-exchange ratio 
Sample Concentration of 
Ca2+ in solution 
Ca (wt%)a Exchange ratio (%) 
Ca(0) 0 0 0 
Ca(8) 0.03 0.22 9 
Ca(16) 0.3 0.43 16 
Ca(20) 0.7 0.54 20 
Ca(29) 1 0.78 29 
a) Obtained by ICP 
b) Fitted function exchange ratio (%) = 29*CCa2+/(0.24+Cca2+) 
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Appendix D Deactivation model 
 
Figure C2. Comparison of the calculated methanol conversion (solid line) with 
measured methanol conversion (open symbols) with time on stream over Ca 
ion-exchanged ZSM-5 catalysts at 370 oC and 4 bar 
Figure C3. Comparison of the calculated methanol conversion (solid line) with 
measured methanol conversion (open symbols) with time on stream over 
desilicated ZSM-5 catalysts at 370 oC and 4 bar 
